______ pecreerrojEcT L,

Advanced system integration of hydrogen
production in Stockholm

A case study of Stockholm Exergi

Sustainable Energy Engineering, master's level
2023

Luled University of Technology
Department of Engineering Sciences and Mathematics

OF TECHNOLOGY




[This page intentionally left blank]



Acknowledgement

I want to hereby thank my academic supervisor Professor Andrea Toffolo and supervisor Erik Dahlen for guid-
ance, presenting excellence in the field of energy engineering.

In addition to official supervision, I want to thank Ph.D. Fabian Levihn, for the insight of economic performance,
and Professor Kentaro Umeki for feedback regarding gasification processes, who initiated my interest in power
plant engineering with mathematical simulations in the first place.

I also want to thank Stockholm Exergi for the opportunity to investigate and contribute, to the development
affirming climate action in the nation’s interest.

Fred Goldbech Birath,
In pursuit of Title: Master of Science in Sustainable Energy Engineering.



Abstract

The production of electrofuels is becoming a desired part of the transition toward the target of emission neu-
trality. In this thesis, a techno-economic analysis regarding the opportunities for system integration of hydrogen
production is completed.

The mapping of production methods in an urban environment is investigated, with the combination of dis-
trict heating and power production services. By co-production of products valuable for the current energy
system, process design, and mathematical programming are utilized to create physically applicable models for
Stockholm Exergi’s existing plants, where placement is estimated as feasible. Empirical theory with kinetic
models is applied, calculating the gasifier plant processes C/BFB and FB, accounting for diffusivity, geometry,
particle model, or other aspects influencing the reaction. EF is handled with only basic calculation since mod-
eling the reaction in detail comes with uncertainties. The analysis of electrolysis explores the time, membrane,
and temperature-derived interference with production.

Full utilization of by-products in combination with CCS, heating of return water, and CCU is investigated
and valued in order to calculate the economical performance of each proposed model. In addition, the boilers
residing in Vartahamnen, Hogdalen, and Brista are modeled to connect to the proposed hydrogen production,
thus the technical feasibility is determined. It can be concluded that all proposed models work without any
major technical penalty to the current system in theory.

An economical benchmarking is performed by comparing the technologies independently. By using the re-
sulting economic performance indicators, it can be concluded that the CFB gasifier replacing the existing boiler
P3, render the most profitable overall, presenting an NPV of 4087.6 MSEK and IRR of 53%, with a total
investment of 628.4 MSEK. Regarding electrolyzers, the AEL platform with a fuel cell is the most profitable,
rendering an NPV of 667.4 and IRR of 48%, while having a total investment cost of 131.6 MSEK. The sensitive
analysis performed showcases a similar result, as the CFB gasifier is the most prominent choice.

Strategical analysis showcases the supply dynamics of constructed plants over time, indicating the compati-
bility of integration in the current system. The supply of district heating, balancing services, and hydrogen
storage are quantified as part of the strategic analysis. The result indicates that the reliability of the gasifica-
tion system is higher than electrolysis, except if PPA is utilized, generating a constant supply of product from
the electrolyzer. Utilization of PPA, restricted fuel cell usage, and alternative configuration of the electrolyzer
platform are investigated as part of the sensitivity analysis to evaluate the most cost-efficient operation method.

The conclusion of all results indicates that hydrogen production is feasible, economically beneficial, and promotes
the utilization of CCS, in the case of Stockholm Exergi.
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1 Introduction

Hydrogen has recently been discussed as an alternative to fossil fuels in the coming energy transition and already
has a demand in the steel as well as in the chemical industry. In order to satisfy the demand for hydrogen,
it is then necessary to establish a market, which can compete with the current production of fossil fuels and
existing hydrogen production. Hydrogen is also seen as a solution to provide a more flexible energy supply, in
line with the share of intermittent electricity production that is installed and gives the hydrogen the potential
to act as energy storage. The European Commission has produced legislative proposals and regulations, and
grants to facilitate the integration of hydrogen in our society as both fuel and energy storage. What remains
then is how hydrogen production can take place in a cost-effective manner that attracts investors. The reason
why hydrogen is relevant to replace our fossil fuels is that hydrogen is classified as a renewable product that
produces no emissions if it produced from solar, wind, or BECCS, which coincides with the EU’s goal of climate
neutrality in 2045.

1.1 Stockholm Exergi

Stockholm Exergi is a supplier of electricity, district heating, additional to cooling in the Stockholm region,
and thus is responsible for the majority of production residing in the area. In addition to power and heat,
Stockholm Exergi is also a provider in advancements regarding carbon dioxide storage of Biogen emissions
called Bio-CCS or BECCS, as by 2026 they plan to offer fossil-free and emission-negative energy production.
This has been classified as one of the flagships in FEurope, which has been recognized through research support
from the European Union (Exergi, 2023b). In addition to storing carbon dioxide, Stockholm Exergi also has an
investment in sequestering carbon dioxide, as carbon dioxide has value as a product in the food and chemical
industry.

1.2 Objective

Stockholm Exergi intends to investigate the possibilities of hydrogen production, in order to participate in the
energy transition that is taking place across Europe, in addition to exploring the advantages of byproducts.
Since Stockholm is the largest city in Sweden in terms of population and is responsible for a relatively large
share of emissions related to transport, it is of interest to investigate how this can be prevented, as hydrogen
is an alternative that can relieve the need for electricity, which under current circumstances year 2023, is in
short supply. The research on hydrogen in combination with existing systems is something that is meant to
make hydrogen production more profitable, thus determining at what pace society can cope with the transition
without risking economic collapse, poverty, and the production halt of important chemicals based on fossil fuels.
Investigating the possibility of implementing hydrogen production in Stockholm is in the nation’s interest and
may in the near future set an example for cities in Sweden or the EU that share similar conditions.

This case study is targeted at the future market of Stockholm, as at least 4.3 TWh of hydrogen are required to
replace the current demand of heavy transportation fuels (Milj6forvaltningen, 2023). Hydrogen produced in the
region can also be utilized in national or international trading of green hydrogen and as a tool to take advantage
of different net support services. By-products of the hydrogen production are also considered as valued streams
when for example excess heat is exploited in district heating, or oxygen as performance enhancers for planned
Bio-CCS installations.

1.3 Aim of Thesis

The primary target of this thesis is to analyze the opportunities to integrate hydrogen production in Stockholm,
by a techno-economic evaluation. The areas that this research will encompass, can be broken into the following;

e To map the technical possibilities for the integration of hydrogen production in an existing district heating
system.

e To investigate the actual impact new technology has on the production measures of electricity and district
heating.

e Simulate and outline the contemporary production of hydrogen gas and district heating in these facilities
in a way that makes it physically applicable.



e To investigate the value of byproducts in combination with BECCS and district heating.

e To determine the overall economic performance of the different production methods of hydrogen, suitable
for the integration with local combined heat and power plants.

e To create, in a dynamic market for electricity and heat, an economic model that utilizes the possibility of
storing energy in the form of hydrogen, thereby increasing the feasibility of strategic investment.

e Finally, present techno-economic results of the technical and economical performances of each proposed
method, with the premise that the hydrogen is produced with negative or net emissions.

1.4 Boundaries

The research is executed with an academic approach, meaning that all technical equipment is described as a
scientific generalization connected to theoretical values, and not specific for a manufacturer, unless specifically
stated. The approach for this thesis is bound to the technical depth so that the technologies investigated have
at least utilization of fluid mechanics, temperature variation, and stoichiometry into account in each system.

The boundaries for the system analysis and approach are limited to the independent plants, and do not in-
clude the distribution of gas or physical implementations, outside the process models. In the calculation and
results, the process model is designed to meet the purity grade for hydrogen only, all other chemical products
will be assumed to be in the acceptable range for achieving their market value. The outside temperature and
variation of fuel quality for all the process models are assumed constant, thus project boundaries are set so
seasonal changes are not considered within the technical calculation.



2 Background

In this section, the background of the fundamental processes and other subjects of relevance for this thesis is
explained and elaborated.

2.1 Hydrogen production

There are several methods for producing hydrogen, ranging from fossil-based production to the splitting of
water molecules. In the case of producing hydrogen in a city environment during the time of energy transition,
the selection of alternatives comes down to renewable or carbon-neutral methods. When further investigating
economically viable opportunities of hydrogen production, electrolysis is the primary target for adaption to the
portfolio of both heat and power production by Stockholm Exergi, though gasification has other economical
opportunities than previously thought, since in this particular case, the carbon dioxide infrastructure is available
from the year 2026. This means that carbon dioxide is stored (CCS) or can be considered a product (CCU)
that generates an income, which means that the conditions in this case study differ from previous research
(Machhammer et al., 2016).

No initial plan of hydrogen production methods was investigated at Stockholm Exergi, so mapping of ex-
isting possibilities for hydrogen production and integration is investigated. After a thorough analysis, it can
be concluded that hydrogen from gasification and reforming, or electrolysis fits the profile of the company,
delivering carbon-neutral products in a city environment (Valente et al., 2020).

2.1.1 Electrolysis

Hydrogen can be produced purely from water and energy, by splitting the water molecules into hydrogen and
oxygen molecules, and have the possibility of being classified as fully renewable, if the electricity derives from
renewable sources. The process, that is connected to the water splitting, is called electrolysis. To initiate this
process an anode and cathode separated by a membrane are required, filling the void with water and additives.
Direct current is added to the electrodes on both sides, which causes the water molecules to split. This effect
produces hydrogen at the cathode and oxygen at the anode. The basic reaction is described by Equation (1).

H>O + Energy — Ho + %Oz (1)

There exist several types of electrolysis techniques for hydrogen production that are considered relevant for
future production and differentiated in the way of achieving electrolysis. In this thesis three methods are
investigated, alkaline (AEL), which utilizes electrolytes to operate, polymer electrode membrane (PEM), which
utilizes pressure, and solid oxide (SOEC), which uses high temperature to initiate the process. Despite obtaining
different methods of operation, they all function according to the same principle of splitting water molecules,
and their overall reaction follows Equation (1).

Table 1: List of performance indicators based on electrolyzer technology (Schmidt et al., 2017) (Ji & Wang,
2021).

Technology AEL PEM SOEC
Technical availability Mature Commercial Semi-commercial
Temperature (°C) 60-80 50-90 500-1000
Electrolyte KOH Polymer YAROL:
Ramp time (min) 20-30 5-20 20-30
Dynamic operation Limited Yes Limited
Load interval (%) 20-100 0-100 30-100
Lifetime (10% h) 60-90 20-60 <10
Efficiency (%) 62-82 67-84 81-100

In Table 1 the properties of each electrolysis technology are shown. In this thesis, only commercial and mature
methods will be investigated since the feasibility of integration is valued for actual implementation.



Table 2: List of performance indicators based on fuel cell technology(Sj6lin & Holmgren, 2019) (Ji & Wang,
2021).

Technology PEMFC SOFC MCFC
Technical availability Commercial Commercial Semi-commercial
Temperature (°C) 50-100 500-1000 500-600
Electrolyte polymer Zr0sy HyCOs
Ramp time (min) <5 >5 20-30
Dynamic operation Yes Limited Limited
Lifetime (103 h) 20-80 20-90 25-30
Efficiency (%) 50-60 60 50

In Table 2 the properties of some selected fuel cell technology are presented, with PEMFC being the investigated
technology in this study. The choice of PEM is due to the multipurpose adaption of membrane-based technology,
that is both used in transport and industrial applications. From a brief analysis, PEM, AEL, and PEMFC are
the technologies assumed to be of relevance for the study, because of their respective availability on the market.

2.1.2 Water gas shift and steam reforming

Steam reforming and water gas shifting are utilized in the process and chemical industry to produce synthetic
materials and fuels. In steam reforming, the main process involves reacting steam with methane, producing
hydrogen gas and carbon dioxide as byproducts described in reaction 2. This reaction occurs in the presence of
a catalyst consisting of nickel or platinum, at high temperatures and pressures.

CH4 + HO — CO + 3H, (2)

The approach of water gas shift utilizes the concentrations of carbon monoxide and abundant steam in processes
involved in decomposition, to create synthetic gasses from solid fuels, which can, in theory, be any material
containing carbon. The water gas shift process is carried out using catalysts such as iron oxide or copper oxide.
These catalysts help to accelerate the reaction and increase its efficiency. Depending on the catalyst, secondary
purposes are applicable for the material, for example, carbon dioxide adsorption (Jansen et al., 2013). Water
gas shifting utilizes the same procedure but reacts with carbon monoxide from synthetic gas to create hydrogen
and carbon dioxide, utilizing low-temperature steam proportionally to steam reforming. The desired conditions
for the water gas shift reaction vary depending on the specific catalyst being used but still follow the principle
of the main reaction described in Equation 3 (LeValley et al., 2014).

CO + HyO — COy + Hy (3)

Steam reforming and water gas shifting are methods to produce quantities of hydrogen gas for industrial-scale
applications, for example, ammonia production. The process also has the additional potential of reducing
greenhouse gas emissions by capturing and storing the carbon dioxide produced during the reaction. However,
steam reforming does have its drawbacks in the application of renewable hydrogen production. It requires
proportionally large amounts of energy to sustain high temperatures and pressures relative to water gas shift
and requires methane, which can be derived from fossil fuels. Syngas derived from gasification contains methane
levels lower than 20% in medium-temperature processes. Due to the lack of potential for hydrogen extraction
and energy-intense production requirements, steam reforming will not be applicable to the investigated case as
a primary approach to reforming.

2.2 Electrolyzers

The technologies presented in this subsection are the suggested production technologies with electrolysis, as
hydrogen is created from electricity.

2.2.1 AEL

Alkaline water electrolysis is the most mature and established method of producing hydrogen by electrolysis.
The process operates at temperatures around 60-80°C and utilizes low-grade metals as membrane material. The
charge carrier or electrolyte in this particular process is the hydroxide ion, OH ~, that reacts as described in
Equation (4) and (5) to split the water molecules. The power consumed from a separate cell is approximately



4,5 - 5,5 kWh per cubic meter of hydrogen, resulting in an internal efficiency of 50-70 % (Chi & Yu, 2018).

20H™ — 05 + H20 + 2¢~ (4)

2H50 +2¢~ — Ho+20H™ (5)

In general, the electrolyte is made up of potassium hydroxide (KOH) or sodium hydroxide (NaOH), with varying
concentrations below 35 wt%. A membrane is also required to separate the hydrogen and oxygen as presented
in Figure 1. The choice of diaphragm is essential for cell efficiency and lifetime, it is a wettable and highly
durable material that has been improved by a considerable amount in recent years, as porous materials are a

recent alternative for this membrane and decrease the cell’s use of energy by increasing the active reaction area
(Ji & Wang, 2021).

2H,0+ 2e > > 20, + HO + 2e

H, = - 0,

HO =

Cathode Anade

Figure 1: Overview of an AEL cell.Gallandat et al., 2017

In industrial applications, several cells are combined into a stack. This stack is coupled to a water and power
source, additionally to a cooling system to regulate the cell working temperature. A simplified setup with three
electrolysis stacks is shown in Figure 2, as the dark cylinders represent the bolted cells, and red piping an
isolated central liquid cooling circuit.

Figure 2: Industrial scale AEL stacks coupled to a central cooling circuit.

2.2.2 PEM

In the polymer electrolyte membrane, also called proton exchange membrane electrolysis, acidic polymer mem-
branes replace the diaphragm and electrolyte commonly used in AEL technology. The PEM Charge Carrier is
essential in this process by facilitating proton transport across the membrane. In the cells, electrodes consist of
precious metals, often connected to higher component cost in relation to AEL, but potential to achieve higher



efficiency relative to Alkaline cells (Ji & Wang, 2021).
Hy0 — 102 +2H" + 2¢~ (6)

2HY +2¢” — Hy (7)

Figure 3 provides an overview of the PEM technology, and the reaction for the anode and cathode is presented
in Equation (6) and the carrier reaction elaborated in Equation 7 (Chi & Yu, 2018).

H,0 - 1/20, + 2H* + 2e

-0,
1
0,
0,
H,0
LIS
= H0

Cathode Anode

Figure 3: Overview of a PEM cell (Gallandat et al., 2017).

In industrial applications PEM stacks consume water, and electrical energy to initiate the electrolysis process
and mechanical to build pressure. The benefits of utilizing this pressure-controlled method are the relatively
small stack size in comparison to AEL and optional alignment, also this process allows the utilization to be
more dynamically controlled.

Figure 4: Industrial scale PEM units coupled to the central cooling unit.

In similarity to the AEL stack, PEM stacks can be placed in proximity to each other and coupled to a central
cooling control system, combining the supply of water feed to independent cells. In Figure 4 the cooling circuit
is indicated in black, while water feed and product flows are indicated in white. This figure is only a graphical
example since stacks can have varying layouts, appearance, and process connections. In regards to PEMFC,
it obtains similar physical proportions as the PEM stacks and inherits compact dimensions due to scaling
limitations (Reyes, 2023).

2.3 Gasification

To create hydrogen derived from coal, biomass, or solid waste, gasification is the primary method for creating
the synthetic gas that will be reformed. Gasification is a process that converts material fuels into gas over a
range of temperatures (>700 °C), which can be utilized to generate electricity, heat, or reformed to chemicals
by different applications. The process involves heating the fuel in an oxygen-starved environment, which breaks
down the molecules into gaseous compounds, for example, hydrogen and carbon monoxide. Combustion of
material is required to maintain the reduction, with a share of the carbon being combusted to sustain gasification
temperature. In a gasifier, the combustion of materials can primarily be described with reactions 8,



C+10,-CO or C+0,— CO,, (8)

and gaseous combustion in reaction 9 additional to reaction 10.

H2+%OQ — H>0 (9)

The exothermic reactions then supply the heat for endothermic gasification reactions of solids, and the internal
water gas reaction 11,

C+H20—)CO+H2 (11)

Boduard reaction 12 after product gas and volatile material begin fast pyrolysis to produce carbon monoxide
in the absence of oxygen,

C + COy — 2C0 (12)

and methanization of solids fuel materials by Fisher-tropsch reaction 13.
C+2Hy - CH, (13)

During gas acclimation, water gas shift reactions occur between C'O and excess steam inside the reactor. These
reactions may differ since methods, catalysts and other parameters determine the detailed process, this can be
explained with detailed kinetics elaborated in Section 3 and is based on the selection of gasifier technology. The
general setup for gasifier operation is composed of a fuel flow, reaction agent, and air, as oxidizer in stand-alone
application. Gasifier types operate at various temperatures and render char and tar conversions at different
rates, which can greatly impact the system efficiency depending on fuel. This conversion rate is also connected
to residence time and to the fuel efficiency of the technology, and tar produces syngas of reduced material, as
described in the tar creaking reaction 14 (Rudra & Tesfagaber, 2019).

TGT—>002+OO+H2+OH4 (14)

The efficiency of gasifiers is determined by measuring the output gas energy content. The efficiency is thus
connected to solid conversion efficiency and the ratio of which high-energy gaseous molecules is produced. The
conversion is altered by parameters such as steam to fuel ratio for increasing water gas shifting rate in the
reactor, thus, the fuel-to-hydrogen efficiency. This applies to both gasifier and downstream equipment, i.e. for
example temperature, which has certain detrimental effects on reactor efficiency. The increase of temperature
and ratio of excess steam is, as described, beneficial to increase the conversion of CO. Parameters such as
temperature, gasifying agent and excess air ratio are those to adjust for optimal utilization of processed fuel,
and will determine the performance of the reactor conversion behavior (Rudra & Tesfagaber, 2019).

Commercial types of gasifier technology can be split up into three major types as described in Table 3, as
the most common configuration is applied.

Table 3: List of performance indicators based on gasifier technology.(Williams & Kaffka, 2015)(Lian et al.,
2021)(Weerachanchai et al., 2008)

Technology B-/CFB FB EF
Agent Air/steam Air Air
Temperature (°C) 700-1000 300-1000  1000-1400
Fuel Bio/MSW/Coal Bio/MSW/Coal Bio/Coal
Fuel roughness (mm) 1-100 1-150 <0.5
Pressurized Possible Atmospheric Possible
Residence time Minutes Hours Seconds
Max efficiency cold gas (%) 80 83 78
Size range (MW) 10-700 0-10 40-1200

The efficiency of each technology is counted as cold gas efficiency, meaning the chemical energy stored in the
gas compared to the energy of solid fuel without considering the production of heat.



2.3.1 Fluidized bed gasifier

Fluidized bed gasifiers and boilers share similar traits, as a fluidization agent, air or steam, moves the bed
material and creates a state when the bed material can be described acting as a fluid. The fluidization of bed
material, consisting of hot sand or limestone, promotes complete combustion of the fuel and heat dissipation.
The mixture of bed material is heated to a high temperature, which causes the fuel to decompose into a gaseous
state, that is then extracted as a product out of the gasifier.
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Figure 5: A illustration describing the process parameters over a Bubbling fluidized bed to the left, and circu-
lating bed to the right, showcasing primary and secondary streams.

In gasifier reactors, the fluidization agent can be a mixture of both air and steam, the gasifying agent achieves
increased particle contact and prevent lumping in the bed material. A fluidized bed has two main different
configurations, Bubbling and Circulating. In the Bubbling gasifier, the bed material is only moved at low
velocity inside the reactor as the bed is only moved by fluidization. In Circulating bed gasifiers, particulates,
sand, and other volatile material enters a cyclone before exiting the gasifier island (Leckner et al., 2011). The
material entering the cyclone is separated from the gas stream and re-enters the reactor from below as shown
in Figure 5.

2.3.2 Entrained flow gasifier

High-temperature gasification, such as Entrained flow reactors, uses direct oxidation of material and high
pressure to achieve fast reaction rates, thus creating product gas in large volumes. The internal separation of
water, tar, and ash occurs in the lower part of the gasifier by water quenching, thus creating a slurry of slag
water as described in Figure 6.
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Figure 6: A illustration of the general setup of a entrained flow gasifier reactor.

Due to the fast volatilizing process, this has some drawbacks regarding fuel efficiency and dependability of high
carbon pulverized fuel in order to reach operation temperatures. The sensitivity of this gasification process
also renders this process not suitable for mixing steam and oxygen, since cooling the combustion with water
counteracts the idea of having low combustion delay and high-temperature gasification. However, there are
some setups that allow coal slurry blends and steam mixing, but with penalties, for example, higher oxygen
feed and increased CO2 content in product gas (Gong, 2014).

2.3.3 Fixed bed gasifier

Fixed bed gasifiers depend on a gravimetric process, as drying, gasification, and combustion is separated into
different stages in the gasifying reactor. The bed is fixed, as the accumulated solids land on the bottom and
create a bed of inert and volatile material. The method of the fixed bed relies on height, so the main factor of
product will depend on residential time. Fixed bed reactors have two primary setups, downdraft, and updraft,
describing how the feed of fuel and gas is directed. A simplified explanation of the process of a downdraft
gasifier is shown in Figure 7.
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Figure 7: A illustration of a updraft(concurrent) Fixed bed gasifier.



In updraft configuration, gasifying agent enters from the bottom of the reactor and the gas outlet near the top,
with little to no separation of the internal processes.

Fixed bed gasifiers have in general the lowest reactor temperature in comparison to the other mentioned tech-
niques, as it does not require high temperature relative to BFB and EF for delivering product gas, and instead
rely on longer conversion time. This technology is not receptive towards mixing oxygen with steam since the
possibility of the extinguishing combustion process, together with low heat distribution inside the bed, is too
uncertain to operate (Ggbel et al., 2007).

2.3.4 Dual bed gasification and combustion

Gasification with co-combustion of tar and other carbonated material is a recent development of gasification
technology. It utilizes the separation of gasification and bed heating into 2 different vessels, as combustion
is not present in the gasifier reactor. This setup is also called dual bed gasification because it requires two
separate beds and consists of one shared bed circulating between the two vessels. This procedure results in
a lower content of C'O; produced and no requirement for oxygen feed, in addition to increased receptivity of
steam injection, in comparison to self-supporting systems. Dual fluidized bed systems require a combustion
chamber, which in retrofitting adaptation requires the same pressure as the gasifier, and a higher temperature
to compensate for losses through heating. Attaching a boiler or riser as a combustion chamber is the basic
principle in DFB systems, for example, shown in 20 MW GoBiGas chemical plant (Thunman et al., 2018) and
the 0.1 MW plant in Vienna (Wilk et al., 2011), that primarily utilizes the reject from the gasification process.
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Figure 8: Dual bed gasification, with black arrows indicating conventional material flows, and the red one is
added for retrofitting of the existing boiler.

A recent development has shown that dual feeding systems are efficient, meaning that fuel feed to both the
gasifier and combustion chamber from separate streams is a possible configuration as shown in Figure 8. In
Sweden, Chalmers has developed a test facility retrofitting a gasifier 2-4 MW to an existing boiler, thus utilizing
two separate fuels. The configuration allows the boiler section to produce the normal products heat, power, and
simultaneously heat the gasifier bed material (Lundberg, 2018). The configuration has been shown to obtain
nearly nitrogen-free and low tar-content gas, with the most efficient combination consisting of a fast fluidized
riser as the combustion reactor with BFB as the gasifier reactor. The dynamic of the catalyst material is also
an alternative to increasing the desired function of the DFB. A reason to add catalyst material is, by sorption-
enhanced reforming with CaO, to initiate selective transport of CO2 in the form of CaCO3. The functionality
of this process is determined by the place of calcination, as gasifier temperature is required to be in the interval
of 600-700°C to initiate carbonation, and combustion in the interval 830-930°C to calcinate the catalyst material
and release CO2 (Fuchs et al., 2019).

Even though DFB is one of the reviewed technologies that show the most comparability to the current sit-
uation at Stockholm Exergi, the main drawback is that in comparison to the other reviewed gasifier systems,
that have been commercial since the mid-late 1900s, the method of combining gasifier is not classified as mature.



2.3.5 Solid fuels

In this study, solid fuels in existing production are utilized as fuel to gasification plants for the respective facili-
ties. Utilizing the same fuel as boiler feed helps in estimating the fuel content, due to real-time information, in
addition to preventing the requirement of alternating any permit or treatment of ongoing production.

In the facility Hgdalen, municipal solid waste and industry residue are the primary fuels, that are sorted
and handled to an average particle length of 5 — 100 mm. In Table 4 it can be observed that the content of the

fuel is dominated by carbon and hydrogen.

Table 4: Average composition of fuel to gasifier and boiler in Hégdalen

Element wt C H (0] N | ash S
Volume fraction (%) | 27 | 375 | 6.2 | 414 | 0.7 | 13.7 | 0.5

MSW with altering carbon content and size over 0.5 mm is not suitable for entrained flow gasifiers, so the fixed-
or fluidized-bed is the technology fit for this type of fuel.

Forestry residues are used in the facility Brista and are of varying size, mostly consisting of carbon and
oxygen, with an inherently low trace of sulfur and ash, though the ash content is presumably increasing in the
future because of a higher blend of bark. The granular size of the fuel is 5-70 mm and is preheated before
combustion.

Table 5: Average composition of fuel to gasifier and boiler in Brista

Element wt | C | H 0) N | ash | S
Volume fraction (%) | 50 | 49 | 7.7 |1 399 | 1.2 | 22 |0

Forestry-derived fuel as presented in Table 5 has a relatively constant and high content of carbon in comparison
to MSW, which makes it fit for more sensitive gasifying methods and the potential of a higher hydrogen yield
after steam reforming, though due to the grain size fixed- or fluidized bed configuration is the only option for
the gasification if no alteration of current grind process is made. Note that the sulfur content in biomass is
rounded from 0.02 to 0 in Table 5.

2.4 Systems related to hydrogen utilization

Hydrogen, as mentioned in section 1, has the potential to serve as energy storage to support the grid through
fuel cells. Fuel cells work similarly to electrolyzers, but in reverse, and dispatch power when hydrogen is con-
sumed. The power that fuel cells generate can then be utilized in order to sell on the electricity market when
the demand for power peaks.

The current electricity market in Sweden offers delegation of frequency balancing responsibility. Balancing
deficit and excess power in the grid is essential to uphold the frequency in the net. These support services
generally have a higher price per MW delivered than producing basic electricity to the net. The reason behind
the compensation is because of the demand to uphold frequency, with criteria for each service and regulating
effect shown in Table 6.



Table 6: List of support services and criteria.

Parameter FFR FCR-N  FCR-D up FCR-D down aFRR mFRR
Symmetrical No Yes No No No No
Min. ordersize 0.1 MW 0.1 MW 0.1 MW 0.1 MW 1 MW 10 MW
Activation Automatic Automatic  Automatic Automatic Manual Automatic
Act. time 100% within ~ within 3min  within 30s within 30s  within 5min  within 15min
0.7-1.3s

Act. time 63% - within 60s - - - -
Act. time 50% - - within 5s within 5s - -
Least amount varying 240 MW  to 580 MW to 560 MW 140 MW 0 MW
Durability 30-5s 1h 20min 20min 1h 1h
Pricing by:

Compensation Capacity Cap/Energy Capacity Capacity Cap/Energy Energy
Trade type Margin Pay as bid  Pay as bid Pay as bid Margin Margin

Note that the symmetrical services require both delivery and reception of power. In this thesis, the assumption
is made that the least amount and minimal order size is planned to be lowered in the future to increase the
flexibility of the grid (Min order size = 0.1 MW). Additional elaboration about the planned change is discussed
in Section 6.4.

Using hydrogen as a reserve has benefits regarding the scaling of available power reserve in comparison to
battery storage, which is only limited by available storage space and an installed capacity of fuel cells. If the
fuel cell is coupled to a type of capacitor that regulates the output voltage, the system can deliver power in
accordance with the set criteria, if scaling of utility is in line with the minimal order volume. In addition, energy
taxes are deductible for the energy that is stored and sent back to the grid, creating a flexible definition of the
stored energy volumes in both hydrogen and battery.

In Table 6 the economic compensation and trade types for each support service are listed. Capacity in this
matter indicates that the pricing of the support service is based upon the available capacity of the reserve during
the specific hour, and Energy is based on the amount of energy transferred to the grid during the specific hour.
Trade type tells if the price for the activated volume of the reserve is then compensated further by a preset
market margin or if the price is defined by auction bidding price. In conclusion, this means that services are
compensated firstly by initial power available, and then additional income is generated by the time of activated
reserve that is priced similarly to standard market pricing.

The main difference between support services can be classified by timing, for example, the FCR services relieve
the load of the grid for a longer duration at lower volumes. aFRR and mFRR have larger and more intermittent
load curves for supporting large deficits in the grid. FFR is intermittent and requires lower power support
compared to other services, only to balance out frequency deviations in smaller intervals. This creates different
values for each service towards liable operators, as less intermittent and longer activation time can be suitable
for turbine-derived power, and shorter intermittent frequency deviations, for providers utilizing battery storage.
(Esett-Oy., 2022) (SVK, 2022)

Regarding the estimation of activation time for the various services, it can be referred to as the average fre-
quency drop during the year, as the large frequency drops (Hz < 49.8 or Hz => 50.2) representing aFRR and
mFRR measured in a span during the year 2015 to 2020. Low frequency drops, (50.1 > Hz > 49.9;+# 50.0) is
representing FCR and FFR during the same time period. From previous studies, the expected activation time
during this span can be approximated to 1-2 seconds for FCR and FFR, not including the actual activation of
the reserve. The approximation of active time for aFRR and mFRR is concluded to be 6.95 seconds with the
same presumptions for actual reserve utilization, although this time is expected to increase when the Swedish
energy production implements wind and solar to replace stable power production (Fingrid., 2021).

2.5 Systems related to byproducts of hydrogen production
Byproducts from electrolysis and steam reforming can be of interest when calculating the economical per-

formance of each plant. Stockholm Exergi has a particular interest in these byproducts since they could be
integrated with the existing product portfolio. A flow sheet of the planned layout can be observed in Figure 9,
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and water re-circulation is left out for illustrative purposes.
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Figure 9: Flowchart of the hydrogen production platform, with major material flows and related facility of
integration.

This configuration shows the implementation of hydrogen storage with electrolysis adjacent to KVV8, to increase
hydrogen distribution, pipelines or the current gas grid could be upgraded to connect with customers or other
facilities producing hydrogen to increase the reliability of the reserve. The overall structure of the power-to-
gas system is following conventional design with only the utilization of excess heat and supplied oxygen as a
non-conventional application of byproducts (Kopp et al., 2017),

2.5.1 District heating

When producing hydrogen by either gasification or electrolysis, system energy losses in the form of heat are
inevitable. To cost-efficiently produce hydrogen, these losses require to be identified and evaluated, as potential
utilization of district heating. In this study, only heat sources capable of delivering heat over 70°C in a DH
subsystem will be considered, in combination with the criteria of supplying heat with more than 1000 disposable
hours annually.

To create valid economic and technical models, for the district heating system, an analysis of the present
year can quantify the set of high/low demand hours. In Stockholm, the daily average is presented in Figure 10.
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Figure 10: Ambient temperature means in Stockholm during the year 2022.

The assumptions are made that amount of high and low demand hours generate revenue, whilst no revenue is
generated during days when the temperature is above 10°C. In Table 7, the amount of demand hours during high
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and low demand is presented for the proposed plants. During 2022, a total of 4560 hours had a temperature
under 10°C.

Table 7: District heating, valuable time.

Demand | hours
High 2280
Low 2280
None 4226

It is worth noting that
the district heating for gasification and the boilers have a different system, as demand for the boiler are varying
on an hourly basis, whereas the gasifiers have 3 price ranges similar to the electrolyzer since it is running on
3 different loads. The load for the electrolyzer depends on the electricity market and does not have a planned
preset of working hours that depends on district heating. Though the load of the existing boilers are depending
on district heating demand, the gasifiers are not bound to this production behavior, albeit the primary product
of gasification is hydrogen production and not district heating or electricity. This creates a different preset for
the gasification, as it only shuts down during maintenance or shut down of the connected boiler.

Table 8: Working hours of a stand-alone gasifier.

Load | hours

100 % 4320
90 % 4200
0% 266

The load of which the stand-alone gasifiers operate is shown in Table 8, and the load is adjusted to prevent
overexertion of the system during periods when there is low demand for district heating.

2.5.2 Oxygen utilization

Oxygen is a byproduct of electrolysis and can be recirculated to fuel cells or sold depending on the value of
oxygen. Historically the oxygen from electrolysis has no exceptional value since transportation cost and criteria
of purity override the income from selling the oxygen to external actors. In recent studies, the utilization
of injecting oxygen in adjacent processes has been shown to theoretically increase the value of oxygen. An
example relevant to the case of Stockholm Exergi is oxyfuel purposes, in order to increase efficiency or even out
temperature sinks, and is seen as a potential source of revenue if hydrogen production is adjacent to a combined
heat and power plant (Tibbelin et al., 2022).

For increasing the price for oxygen as a byproduct of hydrogen production, it is also of interest to study the
impact of oxygen in a boiler with CCS, since increasing the oxygen levels decreases the amount of nitrogen in
the flue gas, thus creating a more efficient separation of the carbon dioxide.

Potassium carbonate solutions are widely used as gas purification and have shown potential in COs absorption
from power plants flue gas (Mumford et al., 2011). Figure 11 shows the process of the carbon capture model
used in an existing plant, which is based on an adsorption and desorption step. The input flue gas is initially
fed into the absorber, in a counter-current to the amine solvent for absorption of C'Oy. The gas is then detached
from the main solvent by adding heat to the desorber, or alternatively by decreasing pressure. The solvent is
regenerated in a loop, decreasing the material used for capturing. The COs is then compressed and treated
before transportation from the facility.
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Figure 11: Simplified flow diagram of the CCS process applied to flue gasses derived from KVV8 (Exergi, 2023a).

To increase the efficiency of this process, the mass of the flue gas can be decreased and the temperature of
the amine blend increased slightly, depending on kinetic acceleration in the adsorbent, thus creating a smaller
equipment size and lower capital investment costs. This finalizes the background related to the value of oxygen
supply in the proximity of CHP installations.

2.5.3 CCU

When producing hydrogen through the method of steam reforming or water gas shift, the majority of the mass
flow is converted to carbon dioxide, that depending on process pressure and separating process can reach purity
grades of >90% before refining the process gas (Lin et al., 2014). If additional cleaning steps follow and the
process pressure stays over 18 bar until storage, only the external cooler and expansion step is required to
supply liquefied carbon dioxide to be sold as a chemical product. The selling price of this carbon dioxide from
bio-derived fuels is expected to reach 2000-2500 SEK/tonne, as some deviations can occur depending on the
content of fossil-derived fuel, though it is expected to reach the same price in the future (Singh & Tan, 2023).

2.6 Sustainability

In regards to sustainability, this project can make a relevant impact on innovation (SDG 9), responsible con-
sumption, and production (SDG 12). In addition to SDG9 and SDG12, climate action (SDG 13) can also be
considered as relevant. The motivation for innovation is connected to the development of functional hydrogen
production systems, that in the current stage have not reached complete maturity. Responsible consumption,
production, and climate action are motivated through synergy between preventing energy losses via storage in
the shape of chemical energy, thus reducing both energy production and efficient consumption by balancing out
the grid power supply. The connection of hydrogen production with climate action is by opening possibilities of
replacing transport fuels and industrial chemicals derived from fossil fuels, to net zero or COs negative hydrogen.

In the current situation (2023), an increase in hydrogen production is one of the EU’s main strategies to
reach 2050 climate goals (Nyqvist & Sillén, 2023). The reasoning behind this statement is because of the
versatility of hydrogen and its applications, as an economical and environmentally sustainable fuel source. To
estimate hydrogen’s official value as an alternate source in the energy mix, an approach of estimating this is by
verifying said sustainability on the eligibility of subsidies; in other words, quantify the social, environmental, and
economical benefits expected by the authority by measuring the amount of economical support the production
can achieve.

2.6.1 European delegation act

As the topic of electrofuels becomes more relevant, the European Commission has developed a methodology to
ensure that the means of production for renewable liquid and gaseous transport fuels are derived from renewable
sources, thus promote to the financial benefit of renewable deployment. As per definition renewable transport
fuels are the collective meaning for fuels deriving from non-biological origin and recycled carbon fuels.

If the produced fuel can be classified as renewable, it could lead to a major tax reduction from electricity for
powering the electrolysis or in tax relief from accumulated income from sold gas. In Sweden, there is no tax
for creating hydrogen and a complete tax deduction for hydrogen used to supply the grid. This is because
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taxing the same energy twice from both production and storage is not viable, though it is expected that the tax
relief for electrolysis will be following the European regulation once the act is set in place. The first mention
of promoting renewable electricity, for the production of renewable is followed by a set of criteria. The primary
criteria explain the electricity classification in regard to the production of fuels.

1. The producer may count electricity as fully renewable if the origin is located in a bidding zone as the
share of renewable electricity exceed approzimately 90%. The same also applies to zones having a lower average
emission rate of 65 gCO2eq/K Wh.

2. In addition to (1), the origin of the electricity must be directly derived from remewable sources, utilizing
PPA or similar systems. An exception is renewable energy derived from biomass, as it is not accepted as fully
renewable by the commission.

3. The fuel producer must report the evidence for utilizing fully renewable electricity in accordance with (1)
and (2) annually on the initial implementation of this act; after the initialization, reports proving production
connection on an hourly basis are required to fulfill these criteria.

It is mentioned that, in accordance with acts 3 a and b in the delegation act, electricity is seen as fully
renewable if created in support of balancing while in a bidding zone complying with (1). Elaboration on the
delegated act, calculating greenhouse gas criteria, can potentially promote continued use of recycled carbon
fuels as in favor of counting CO, from municipal solid waste if captured, as zero or negative through calculating
emissions from the bidding zone. This is contradicted in the supplementing Directive (EU) 2018/2001 Section 6,
with the uncertainty of the upcoming delegation regarding biomass or recycled carbon fuels. For the production
of renewable transport fuels, this delegation will decide how the future framework of hydrogen production and
circular economy will be designed (European-Commission, 2023).

In this study, we can conclude that hydrogen production from electrolysis will be seen as fully renewable
since the relevant bidding zone (SE3) has historically <40 g/KWh emission rate all hours during the year. This
act does not promote hydrogen derived from solid fuels and considers electrolysis as the sole option to produce
hydrogen in a sustainable matter.

2.6.2 Economy and subsidies

Subsidies for different projects can promote the implementation of hydrogen production by minimizing capital
investment costs (CAPEX). A product of the EU hydrogen incentive is by assigning over 10 billion euros under
the Recovery and Resilience Facility and 1 Billion Euros to the EU innovation fund for supporting hydrogen
innovation. In Sweden, there are three major subsidies that are relevant and can apply to the production of
hydrogen production or other relevant technology for reducing climate impact. These subsidies are an incentive
on providing new solutions to benefit a certain cause.

Industriklivet: Subsidies that can help fund research, environmental studies, and new technologies that have
not been fully commercialized and support the net zero emission goal or negative emissions. The size of the
funding often resides between 20-44%, with higher shares for lower investment costs and an average initial
project investment CAPEX of 2-70 million SEK. The limit of total funding from this asset is set by the EU.
(Energimyndigheten, 2023a)

Klimatklivet: The climate initiative can fund 30-70% of the total investment, which has the highest funding
share amongst corporations and an upper limit of 210 million SEK before it is instead handed by the commis-
sion, resulting in a lower rate of approval. Recycling of fossil fuels and carbon-based MSW fuel is of interest in
this case with CCS/U, albeit it promotes the largest reduction of avoided CO5 per Sek (Naturvardsverket, 2023).

Energimyndigheten pilot och demo: This is a subsidy given to projects with a minimum initial investment
of 7 million SEK and a threshold coverage limit of 25% for larger corporations. The classification of larger
companies is made by the EU, so the increase or decrease of subsidy is decided by the commission. The cause
of the funding has no limitation on technology as long as it is experimental and relevant (Energimyndigheten,
2023b).

In addition to the subsidies, the EU tax-directory and Swedish legislation of energy (LSE,1994:1776) state

in chapter 11 paragraph 9 that, the entitlement of tax deductions are obtained by the producer that uses elec-
tricity for chemical reduction or processes based on electrolysis. So the deduction on taxed electricity is given
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for the electrolysis process itself, and not for the surrounding equipment (Skatteverket, 2023).

From this, it can be concluded that the attitude of the authorities towards hydrogen innovation is positive,
and is seen as a major part of the upcoming goal of net zero emission, as long as the emissions are captured.
A general benefit can be allocated for renewable hydrogen production with connections to electrolysis and
larger-scale investments as the main promotion for environmental sustainability.

3 Theory

In this section, only the theoretical aspects that are directly connected to the processes are presented and not
to the elements that are trivial or can be performed with the help of general knowledge of physics, except in
descriptive parts of the model layout.

3.1 Calculation of thermodynamic performance and energy balance

This chapter is giving an overview of the main equations and definitions used to determine the thermodynamic
performance of the plants introduced in Section 4. The basic mass balance is calculated by applying the
assumptions of steady mass flows in and out of a given control volume and is described by Equation 15.

0= 1hin — > _Titour. (15)
The balance of the associated flows of energy and the other energy flows in and out of the control volume is
presented in Equation 16.
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The specific enthalpy h; is calculated following the 4th-grade polynomial for the case of gas containing presented
elements in Equation 17.
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In the plant, an internal balance of energy and mass calculation of total processes follow the Equation 18. The
energy balance is based on the assumption of stationary conditions, no accumulation of energy inside the plant
control volume, and negligible contribution of kinetic and potential energy terms e, ;.
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In the calculation of electrical or heat output from the steam cycle, the Equation s 15 and 18 are applied,
together with physical influence over the system. In the case of power production from fuel cells, the output
follows the same method.

The theoretical indicator to describe plant energy conversion performance is efficiency. The energy input is
converted to heat, electricity, or chemical product, and the efficiency of each product is measured through cal-
culation.
The common principle is adhering to the definition of efficiency as the ratio of power output to energy input as
described in Equation 19.

_ Qv Pout

Qfuel

(19)

The energy fed into the plant can be present in the state of solid fuel or as electricity, depending on the type
of plant, for example, the energy Py, is bound to the solid fuel, thus corresponding to the power input. The
overall assumption is that incoming fuel or water entering the system has the same temperature as ambient Tj,
which renders the energy difference equal to 0, with the exception of the return water of district heating feed to
the electrolyzer heat exchanger. The thermal energy of input is the primary value determining incoming @ yyei,
and is defined as the lower heating value Hpiomaqss multiplied by the mass flow of fuel m ¢,¢;. The energy input
of electricity to the electrolyzer is not defined by thermal energy, and utilizes the product of current A and
voltage V.
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The efficiency with respect to a particular output 4 (district heating, chemical energy associated with a fuel,
electricity) is defined as the energy content of that output divided by the input energy used to generate it as
shown in Equation 20.
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Overall efficiency, is the summation of the output heat and electrical power, as expressed in Equation 21.
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The total efficiency nrotqr, is the summation of output heat and electrical power including chemically stored

energy, and is calculated with the mass flow of chemical product converted to energy by its lower heating value
(David, 1967).

3.2 Gasification and combustion

In this section, theory connected to the mathematical modeling of production methods based on gasification
and incineration is presented.

3.2.1 Gasification

The gasification process is mathematically designed to simulate a realistic output from the devolatilization and
formation of gas, thus giving results eligible for application.

Utilizing different gasifier reactors, i.e. methods of gasification, will however create the need for varying com-
plexity of theoretical models to achieve the desired simulation of the process. The target is to create a model
producing syngas, with the account of char conversion (and geometry if possible), to investigate internal perfor-
mance. The char conversion of BFB gasification is also required to predict the performance of energy exchange
between the boiler and gasifier. In addition to the prediction requirement, the gasifiers obtain uncertainties
dependent on the method, as theory is adapted to fit the expected uncertainty of model output.

The BFB gasifier and integrated BFB gasifier are based on mathematical calculations of high complexity,
in relation to the other methods, utilizing kinetic and non-kinetic equations with influence from geometric pa-
rameters. In Figure 12 the semi-kinetic calculative process is illustrated, presenting the main sections of the
BFB gasifier and boiler interplay. This process is also applied to BFB gasifier without integration into the
boiler, as the only adaption required is the conservation of mass reject from the gasifier and removal of boiler
criterion.

The initial step in the semi-kinetic model is to calculate gasification and volatile combustion without considera-
tion of kinetics. The products from primary decomposition are then inserted to generate conditions simulating
the process of water-gas shift and char gasification in the bed. The next step is then representing the WGS of
syngas inside freeboard space, and total generated product gas from rector (Tanaka et al., 2015).
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Figure 12: Calculating process for the semi-kinetic model, with combustion path for a connected boiler.

This method is based on previous adaptations of mathematical gasification models and includes the char res-
idence time to stabilize bed volume, tar reject, and the effect of diffusion efficiency (Gomez-Barea & Leckner,
2013) (Kramb et al., 2014).

The FB and EF gasifier mathematical model is based on stoichiometry with a low amount of kinetic emer-
gence in comparison to the BFB calculation. The EF gasification theoretic model is limited and has no relation
to physical geometry or char conversion.

The general reaction for gasification is by definition a thermochemical process that converts material fuels
into a gaseous state. It involves heating the fuel in an oxygen-starved environment, which suppresses combus-
tion reactions and triggers the formation of molecules conserving initial heating value. The gasification includes
several stages, namely pyrolysis, oxidation, reduction, and reforming, as the conversion from solid to gas can be
expressed with the stoichiometric expression 22.

min(aC + BH +~0 + 6N + eHy0) + 2%
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—aN2+bH2+ cCO + dCOs + eH0 + fCH,.

The process starts with feeding fuel to a gasifier in the absence of oxygen leading to thermal decomposition
if heated to over 250-300 °C, called pyrolysis. In the oxidation stage, air or oxygen is introduced into the
system leading to partial combustion of fuel and converting C' and CO to CO;. The water-gas, water-gas-shift,
Bouduard, and Fischer-Tropsch reactions then create the composition of output gas, as kinetics determine the
conversion rate of molecules. The general expression for the calculation of the kinetics is the Arrhenius equation,
which is the base of applied kinetics and is described as Equation 23.

-

(23)

In the equation, A is a predetermined constant, F is the activation energy and T is the reactor temperature.
The water-gas reaction is based on water and oxygen bound in the solid, in addition to excess steam and oxygen,
to form C'O and Hs. The excess oxygen ratio, Agg, is calculated with Equation 24 and is also required to reach
the target reactor temperature by partial combustion of the solid fuels.

)\ER OQ,input (24)

B Od'r‘y,fuel + 0-25Hd7'y,fuel - O-5Od7'y,fuel .

To produce syngas with maximum heating value, both air excess and the addition of steam are required to be
configured, in order to fit the production method.
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3.2.2 Semi-Kinetic calculation

The semi-kinetic calculation, representative of the BFB process, is first initiated by the gasification process,
as an instant conversion of the solids is assumed. This particular calculation is non-kinetic and resides at the
base of the gasifier, utilizing empirical theory. In the application, the yield of C'Hy is not calculated and is
instead estimated to be 7.639% of product gas to constrain the reaction balance. The char yield derived from
gasification is also estimated utilizing the algebraic expression in Equation 25 (Campoy et al., 2009)

. M, da _ _
Teharo = fb%f (—15.03 + 50.58( L273) — 18.09(L5273)2). (25)

After calculating char and product gas output from the initial gasifier stage, the balanced output from calculating
reactions occurring in the circulating stirred tank reactor (CSTR) can be expressed as Equation 26.

D out = Diin + Z v; ;75 V. (26)

In order to calculate the product out of Equation 26, the sum of input species and volume of bed is accounted for
by first applying the intrinsic conversion rate of C'Oy. The conversion rate is presented in Equation 27, and the
state i is representative of HoO or C'Os for each species. In calculation porous rate of species is predetermined
constant, as Xporous,s = 0.5, and k; derived from the Arrhenius equation.

% _ kp:?l(l - (1 - Xp_o}"ousz)X)(log(l - (Xp_o}"ousj)X))Q/g
dt ! (1 + log(Xporous,i)) '

This rate is then used to calculate the average char conversion rate: C + H20 = CO + H2, C + CO2 = 2C0,
of the CSTR stage as described in Equation 28.

(27)

X =Xpg,0+ Xco,- (28)
Here X; is the product of intrinsic conversion rate and effective factor 74;f fusion- The shape and size of the
particle decide the effective factor, albeit expressed as Equation 29 for spherical geometries.

S I 1
Mdif fusion =\ I 3My  3My

)- (29)

The Thiele modulus, My, is descriptive of the ratio between diffusion and reaction rates connected to the
porosity of particle surface while maintaining no limitations in mass transfer ability. The dimensionless modulus
is calculated through Equation 30.

Mrp = (30)

dcha/r (’I’L + 1)Am Czl,;}rf
3 9Resy '

Here, the effective diffusivity, D.¢s, can be explained as the effectiveness of transportation through the specific
catalyst structure matrix and is defined as Equation 31 in this particular case utilizing the effective diffusivity
to solve Thiele modulus. The pore is touristy is represented by 7, €, the char porosity, with Dy and Dypudsen
as standing for diffusivity of bulk gas mixture and Knudsen diffusion, respectively.
€/T
Dejp=—v——F—717— (31)

Ryuik Rinudsen

Knudsen diffusivity derives from the occurrence when pore diameter compared with the mean free path of
gaseous particles is in disproportion (>> 1) and is expressed by Equation 32,

2 8RT
D nudsen — o 32
knud 3Tp T, MA ( )
as the average pore radius can be approximated by Equation 33
2e
Tpore = —————, and €=1— (1= Xporous.i)(1 — X). (33)
pcharSchar

In the calculation of gas diffusivity utilized in internal mass diffusion prediction, the molecular diffusion can be
accounted for utilizing the binary bulk diffusivity. The Ry, is calculated with the account of the interaction
between solid and gas state, with the Stefan-Maxwell Equation 34,

Dy = ———= (34)



as Dyyi,0 is defined via expression 35,

Vi
Dyuik,0 = o a T (35)
Zl:l(Z#A) a( Dgamm,a(xl_x/i :Ii ) )
and differential operator 36.
Vi
Vi, =1—x,4 —. (36)
=1 VA

The binary molecular diffusivity, D.,, is the expression derived from using the correlation of Fuller—Schettler-Giddings,
representing the diffusivity of species HoO and C'O5 to gas composition (Fuller et al., 1966).

3.3 x 1071 T o 4 5
D Mo Mo (37)

" Protat (S )P+ (o) /3)

In this equation, overall pressure is represented by piote; and > v; stand for the diffusion volume.

With the diffusion effective factor defined, the average char rate is calculated, thus the reaction balance of
conversion is applied with WGSR illustrated in Appendix 1.2. Kinetic application of WGSR in the CSTR bed
is commonly expressed by Equation 38,

£C0;CHa (38)

Twgsr = ngST(CCOCHQO - Ke

and Ky gsr is defined by the Arrhenius Equation, with constants listed in Appendix B2.

In order to calculate the volume of char and void properties, the bed volume Vj.y and void fraction of bed
€peq are estimated through input data and reactor scaling. The method of scaling accounting for devolatiliza-
tion and horizontal dispersion is illustrated in Appendix 1.4. The char volume V_;,, is calculated with Equation
39,

‘/char = %ed (1 - 6bed) - %m (39)

with the volume of bed material Vj,,, bed volume, and void fraction, which is estimated by using Equation 40
(P. et al., 1978).

€ped — ]. — (1 — 6bed,0)~ (40)

1
fbew
Bed expansion factor, fycz, is a value indexing the rising of bed following the vector vy in Figure 13. Superficial
velocity vy, minimum fluidization velocity v, s, together with the mass of quartz bed density py,, and average
quartz grain diameter dp,,, generate the bed expansion factor 41.

14.31(uo — u f)0.738d1.006 0:376
Joee =1+ OT% 0.937bm b (41)
Pom umf
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Figure 13: Schematic of a BFB reactor, with parameters indicating the dimensions of the freeboard and bed
utilized for void and volume calculation. Vectors illustrating expansion and fluidization are not representative
of the actual direction of movement,

The superficial velocity is calculated utilizing the modified Ergun Equation 42, accounting for the internal
hydrodynamics of bed movement (JR., 1986).

004
dbmpg

Omf = Repm.my( ), and Repmns = \/28.7% + 0.0408 Ar — 28.7. (42)

The particle Archimedes number representing the relations of gravitational forces, sizing, mass difference, and
viscosity is calculated with Equation 43,

ans — Pg

A, = 9.80665 O3 p, 5
Vg

(43)
and the specific density of gas flow p, is utilized for the calculation of bed expansion with Equation 44. It
should be noted that the stationary void fraction was assumed to be 0.4, assuming that the gas viscosity is kept
constant to the predetermined reactor temperature.

_ P,

The mass of char out is calculated with Equation 45 as the fixed input of carbon from pyrolysis, while the
transformation of tar and ash is bypassed to continue in the combustion chamber or gasifier reject.
dmepar dmcha'r,o

Nash
= - M, 4
dt dt dr et (45)

equation 46 summarizes the CSTR mass flow of char out of the bed, ending the mathematical model for the
bed.

I-1char,out = (1 - X)Fchar,i'm (46)

The next stage in the gasifier is the freeboard, as the mass balance is calculated through the assumption of
a plug flow reactor (PFR) process, that accounts for the particle residence time in the reactor dependent on
volume. In the freeboard, the primary reaction is the WGSR that utilizes the same method presented for the
CSTR, but with time as the critical factor of output and no involvement of solid formations of char is considered
to occur. To determine the output of product gas, the total concentration (c;) is calculated as presented in
Equation 47, in utilizing empirical relations of the gas constant, temperature, and reactor pressure:

_ DPfreeboard

“= RT—80) 1072 (47)
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Gas entering the freeboard is assumed to be 80K lower than in the bed due to heat losses in the bed and distance
from the combustion center. In order to calculate the spacial residence time, the molar flow of specie n;, and
the freeboard volume Vi,eepoara, are inserted in Equation 48, generating the conditions required for the matrices

in Appendix B20.
o Vfreeboard ) (48)

tspace - o
(=)
The final mass-energy balance of reactor input and output is defined by Equation 49 following the principle of
mass conversion,

Nadiabatic Qb + Tgas - QL,mc = stn + Tsyn + Qcha'r + Tchar~ (49)

as enthalpy, latent heat, and specific capacity of the gas mixture are expressed according to, Equation 50 for
each state of mass flow.

T; = 1 / Cp,dT. (50)

This concludes the theory applied for the calculation defining the production of syngas from BFB gasification
using the semi-kinetic model.

3.2.3 Single course-Kinetic calculation

The theory applied for the calculation of FB and EF gasification is not the same as for the BFB gasification.
The fundamental gasification reaction in Appendix 1.1 applies to all gasification models in an initial state, as
the calculation of WGS equilibrium for FB and EF is expressed with K., derived from the Arrhenius expression.
In the theoretic calculation of EF gasification, no account for geometry or char conversion is made. The mod-
ification deviating from the universal gasification calculation is the account of increased losses during partial
oxidation in the reactor, which is estimated to 10 %, representing the mass reject subtracted from the product
gas mass flow during the quench. The FB gasification calculation modification builds on the PFR approach
assuming 1-D calculations.

In the FB gasifier, a dynamic 1-D mathematical model estimation of the char gasification is applied with
no radial parameters, thus Equation 51 is the base expression for the differential volume. The initial assump-
tion is made that Ny and C'H4 can be seen as inert in the bed reaction, and that tar is negligible in the reaction
residing above the bed.

ndhar aThchar
& ou

Conversion of gas, expressed in Equation 52, and char chemical balance then support the Law of conservation
of mass, as described in Equation 15, and the process can be isolated as such to estimate the char reactivity in
reactor bed.

= fchar . (51)

OMgas
ox
Through defining the heterogeneous reactions, overall char reactivity can be expressed as Equation 53, as the
product is explained as the relation between concentration and overall rate coefficient, resulting in the maximum
intrinsic conversion rate X (t), and volatilization of material after time ¢ (Laurendeal, 1978). Temperature,
content in gas, pressure, catalyst, and porosity affect X (¢) as observed in Equation 53.

= Fgas = _ll‘char' (52)

1 dm 1 dX
/ -4 - A
X(t) = mdt 1—X dt’ (53)

Char rate during conversion of material can be expressed with Equation 54.

mo—m
X=—.

- (54)
If kinetics are unaffected by conversion, predicting the overall particle reactivity depending on time is possible.
Reactivity models for char gasification and combustion are built on diffusion, profile, and char characteristics
as previously mentioned in the semi-kinetic calculation, as the equilibrium factor r» and structural function
dependent on conversion f(z) can be expressed as the product of particle and the particle reactivity, or vice
versa through Equation 55.

X'(t) =Y Ri f(X). (55)

The equilibrium factors D; are the sum of Dp,o and Dco,, with the factor representing concentration profile
between Hy/H20 and CO/CO,. In the Equation 56, the global intrinsic conversion rate is calculated by the
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analogy of heterogeneous factor Ry,0,
k1, fwpH,0
k1 fw k1 (56)
1+ “hs PH2O +

Dy,0 =

T PH,
and similar D¢, is solved, by substituting HoO with COy and Hy with CO. Both the expressions are based
on Langmuir-Hinshelwood kinetics, modified to fit the particular model, with A and E defined in Appendix B1,
together with also adaptation with the partial pressure of p; species (M et al., 2000). The updated expression
after replacement should then be equal to the mass conversion rate differential observed in Equation 57,

1

(DH2O + DCOg)f(X) - ll‘cha'r =0 (57)

char
as alternative reaction rate is described through the diffusion interaction between char and gas, expressed by
Equation 58 with total diffusivity D, .

D — (DH20+RCO2)D’Y?Z. ' (58)
' (Rmo + Rco,) + Dy, i

The rate is dependent on internal movement instead of partial pressure, and D., ¢ is given by the Equation 59.

. B; Sh
= "
In the Equation, B; is the reaction-diffusion coefficient calculated as the product of r;/d;. Variable Sh stands
for the dimensional Sherwood-Schmidt number, defined by Equation 60, representing the relatively low-pressure

condition and friction due to a non-fluidized state. Reynolds number is approximated with the same method
as in the semi-kinetic model.

D (59)

Sh = 0.9(2 + 0.6R®6Sc/3), and Sec= 20 (60)

Pg Ci
The structural profile f(x) is connected with the bottom of the gasifier, or bed of the two-stage downdraft
gasifier, obtaining a dry state with partial pressure for Hy greater than 0.2 atm. The structure is defined by
polynomial 61 and is an alternative method for determining surface area and changes of cathylic active species.

F(X) =32.17X5 — 57.17X° +46.10X* — 16.04X> + 2.92X? 4 0.297X + 0.529. (61)

The height of the char bed is correlated with the char surface activation rate throughout the bed and is illustrated
in the dimension calculation through scaling of the gasifier in Appendix 1.4. A model including trivial effect
conversion ratio is based on a continuously operated reactor as non-converted char, meaning condition assuming
steady-state properties, is calculated and transported downwards during the gasification reactor presented in
Figure 14.

[

—
> o

Oxygen

Syngas

y-bed Height

Figure 14: Schematic of a FB reactor, with the height of bed consisting of char, tar, and ash is parameterized
by height y.
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Utilizing ash content as an indication of conversion, assuming the ash is inert, the char conversion rate can be
determined by the amount of ash accumulation during gasification. The conversion rate can then be expressed
as Equation 62 with the calculation of the initial ash content Cysp,0 and current ash content Cosp,.

x =1 Gasho (62)

ash

The ash content in the gasifier is calculated with Equation 63,

Mash
Cash = ’ and Cash,O = .
Mchar Mechar,0

Mash,0

(63)

as the mass flow of char, m¢pnqr, is calculated utilizing the finite difference expressed as Equation 64. The ash
content of char can be calculated with the initial and mass balance of ash, with a density of particles required

for calculating mass flows.
dMash 8'rnash

dt ox

In the estimation of ash, the assumed content to calculate the molar weight and density of the initial state is
40% Potassium, 40% Calcium, and 20% Magnesium. Please note that this composition is not derived from the
actual content and is only a guess to estimate initial ash mass flow. Utilizing the porous particle model, with no
account for size variation in transportation, the particle can be assumed to have a reaction occurring over the
whole particle as described in Equation 65, as the conversion rate is determining the decreasing density (Ggbel
et al., 2007),

= 0. (64)

p(X) = po(1 - X). (65)

as the shrinking particle method assumes reaction on particle surface in Equation 66. The mcpqr,o is calculated
with Equation 25 as in the semi-kinetic model.

p(X) = po- (66)

In theory, this is applied to both biomass and MSW, as the estimated conversion rate is dependent on the
porosity of fuel with initial carbon and ash content.

3.2.4 WGS reactor

The reformation of molecules from H>O and CO to Hy; and C'O3 occurring in the WGS reactor in order to
control the syngas composition is the primary function of this unit. The reaction for this process is exothermic,
meaning it releases heat as it occurs. The kinetics are explained according to Le Chatelier’s principle of shifting
equilibrium, as the absorption of heat initiates the chemical reaction. Other than heat and pressure, the catalyst
material is a determinant of recovery or acceleration of the shifting reaction. In order to estimate the reaction
rate, a micro-kinetic model of the elementary reaction through the catalyst surface is utilized. For temperatures
under 750 K, the reaction catalyst is based on Cu/ZnO/Al305 for low-pressure systems. The WGS primary
kinetic reaction is Equation 67, which is an adaptation of the Arrhenius expression.

4577.8

Ky = exp( —4.33). (67)
The mathematical model of the WGS reactor consists of 2 high-temperature reactors, called HT1 and HT2.
Reactor HT'1 operates in temperatures between 500-750K, HT2 between 600 - 750K.

To account for void fraction, effective diffusivity inside catalyst pores, and thermal conductivity, the specific
catalyst dynamics can be described by Equation 68 as an approximate relationship of reactions.

Cco,C,

Twgsx = dcat (]- - 0) kr,IPQ(CCOCHzO - Kt

) (68)
In the expression, d..; stands for the mass density of solid catalyst, and C, is the vapor mole fraction of species
in near atmospheric pressure (II & Barton, 2009). In the case of a pressurized vessel, a model including the
partial pressure of each species is applied replacing the vapor molar fraction for FeO catalysts. In industrial
applications, the pressure increase has a scale-up relation as presented in Figure 15. The Equation 69 is
representative of pressure correlation for both HT and LT catalysts,

_p_
Fpressure = p0.57 250, (69)
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Figure 15: Representation of the catalyst pressure effect on conversion rate according to mathematical expres-
sion.

as the theoretical principle accounting for the high-pressure catalyst is expressed by Equation 70.

o) (10)
CcoCr,o0Kir
In industrial scale pressure application, the constants n,m,p,q adapt to the increased pressure through n =

n(0.5 — 5&5) for individual molecular pressure or vapor mole fraction, depending on high or low-temperature
catalyst.

Twgsx = dcat (1 - 9) Fpressure kht,lQ CgOCIZLzOCgOzC?{z (CCOCHQO -

3.2.5 Combustion and Boiler

Combustion is related to both partial oxidation in the gasifier and boiler performance. In the boiler, combustion
controls the state of flue gas output, heat to steam cycle, and air blower. The theoretical combustion reaction
is calculated with the stoichiometric Equation 71, expressing the reaction balance.

mfuel(aC + BH + ’YO + 6N + GHQO) + mair/\ER(O.Q].OQ + 079N2)

71
— Thfluegas(aOg + bNs 4+ cCO + dCO4 + BHQO). ( )

Application of gas combustion follows the same theory, with the exception of gas composition on the left side
instead of solid composition, as gas reacts with oxygen generating the exothermic reaction. The stoichiometric
matrix for the applied reaction is illustrated in Appendix 1.3. The mathematical model takes into account
the process of combusting the fuel with an excess of air intake, to represent physical operation. Variable Aggr
describes the excess ratio of atmospheric air feed to the process for completing combustion subtracting the
amount of oxygen residing in the solid material. Air is fed into the combustion and brought to boiler pressure
with the air blower utilizing the ideal gas law expressed in Equation 106, additionally, -, express the heat
capacity ratio of air and performance based on the isentropic efficiency of compression (Paraschiv et al., 2020).
In the boiler, mass, energy, and mole balances determine the combustion chamber’s internal state described by
Equation 72, thus the output of energy recoverable for the flue gas condensers.

QflueGas = ncomb(quel + Qoxidizer)~ (72)

Please note that the flue gas condensers connected to the steam cycle are dependent on internal flow conditions
and particle transfer moving inside the boiler. Not all heat from the solid fuel is transferred to condensers, and
the efficiency and radiation losses are preset to estimated values listed in Appendix 1.8.2. The mathematical
model is also constrained since the condenser is not able to transfer heat if the temperature falls below the
temperature for saturated steam at a specific pressure. The updated state of gas leaving the condenser obtains
lower temperature and energy content than before heat exchange.

3.3 Electrolysis

In this section, fundamental theory related to the calculation of stack performance and process flows will be
explained. Theory related to heat recovery of stacks is found in Appendix 1.5
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3.3.1 AEL

The alkaline electrolyzer cell is based on electrochemical theory, which builds on the fundamental potential
and product of an independent cell. To initiate the electrolysis, and thus the dissociation of water molecules,
an oxidation reaction occurs on the anode side, while a reduction occurs on the cathode side. The reaction
is achieved by applying the change in Gibbs free energy AG, thus calculating the electromotive force for the
reversible electrochemical process (Jy.,) as expressed in Equation 73. This process is enthalpy dependent, and
change in energy includes the thermal irreversible effect equal to the endothermic dissipation of the reaction.

AG
Jrewv = —, (AG=AH—-TAS.) (73)
zF
In standard application number of electrons transferred z, is equal to 2. Faraday’s constant F is approximately
96.485 C/mol and represents the amount of electric charge per mole of electrons involved in an electrochemical

reaction. In the AEL cell the molar output can be calculated with Equation 74 representing the cathode,

1

NH, = Nfaraday ﬁ (74)
and equation 75 representing the output of anode,
1
NOy = NH; - (75)

and multiplying total cell current i.cj o+ the mass flow from the cell is obtained following Equation 76. Multi-
plying the product with the number of cells is equal to the stack theoretical mass flow.

n; Z'cell,tot - mz (76)

To measure cell performance, the potential increase of achieving the reaction is required to be calculated, as the
loss of energy is correlated to the difference between the reversible voltage and applied cell voltage. The loss of
energy is dispersed in the form of thermal energy and can be calculated utilizing the summarized potential in
Equation 77. The cell overpotential is calculated as the summation of ohmic potential J,p,,, activation potential
Jaet, and open circuit voltage J,., increase derived from internal resistances.

Jcell = Jocv + Jact + Johm~ (77)

In addition to the potential increase from reaction kinetics in electrodes by activated complex, the electrode
catalyst activity is connected to the activation voltage. The expression of the activation overpotential and
current density ig can be described by the Butler-Volmer expression 78. The presented equation calculates the
exchange current density, which expresses the energy distribution over a certain area (Schnuelle et al., 2020).

—Eqct (l_ 1
R T T,

)

19 = iomefe ef ", (78)

The activation and ohmic overpotentials are calculated differently for AEL and PEM cells, as per current
density relation to activation kinetics. In the calculation of AEL cell overpotential, Equation 79 is utilized, as

O represents the bubble factor. In Appendix 1.6 the difference by time cycle degradation effect on cell potential
is explained.
3 3

Tcell Tcell

Joew can be calculated with Nernst Equation 80, which describes the state of current absent reactions dependency
on the activity of present gas, in addition to reversible voltage.

RT \/
Jocw = Jrew + —ln(M).
2F PH,0

Jcell = Jocv + (7"1 + TQ(Tcell + 6))1 + S1l0910((£1 + )2)2 + 1) (79)

+

(80)

In accordance with open circuit voltage and with the thermal dependency on Gibbs free energy, the reversible
voltage dependency on thermal effect is expressed in Equation 81.

Jrew = 1.5184 — 1.5421 x 1073 (Thery) + 9.526 X 107 (Toers) In((Tierr)) + 9.84 x 1073 (Toers)2. (81)

The partial pressure of the cathodic and anode cell space is calculated in accordance to Equation 82, as i
expresses the cathode or anode and the respective flow of oxygen or hydrogen, R represents the universal gas
constant and is equal to 8.314 J/molK, and T,.; the operational temperature of the cell.

2

pi = RTcell V;

(82)
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On the membrane surface, bubbles propagate during the process and reduce the active surface area onto which
the electrolyte can split the molecules, thus leading to a lower exchange rate (Abdin et al., 2017). The effect can
be described as a resistance factor and thus contribute to the overpotential. The impact is estimated utilizing
a resistance factor for the catalyst cell in application with bubble factor ©, calculated via Equation 83.

T o, % (03

T
© = (—97.25 4 182 — 84(

83
ref Tref Z.lim. ( )

Overpotential by the concentration of electrolyte is not included in this as it is estimated to be negligible.
In order to finalize the model output, the independent cell current and area are combined with a series of cells,
resulting in a stack. The combined output describes total power demand after theoretical losses in terms of
overpotential, expressed as Equation 84. This method is applied to the mass flow of product gas since the
accumulated molar flow from the Faradic Equation output increases flow dependent on total cell current and
the number of cells.

Pstack - Ncells(JcellicellAcell) and Z.cell,tot - 7;cell14cell- (84)

The power consumption on the surrounding system adds to stack performance calculation, thus overall power
requirement is calculated in Equation 85, as Py is the power requirement of cells including internal resistance.

Pconsumption = Z Pcompressors + Z Ppumps + Pstack- (85)
% %

Utilizing the total power consumption of the system and the theoretical reversible process, a hydrogen efficiency
can be determined with expression 86,

Pelectrol i

ysis

NAEL = 57— - (86)
Pconsumption

as the energy used for electrolysis is expressed as the product of reversible potential in Equation 87.
Pelectrolysis - revicellNcAcell~ (87)

The produced hydrogen and district heating can then be combined to express the overall efficiency of the
electrolyzer system.

3.3.2 PEM

The modeling of the PEM electrolyzer cell is utilizing the same fundamental electrochemical theory as the AEL,
but with a different adaptation of the Faradic model, and can be calculated with Equation 88 and 89 utilizing
the Faradic efficiency 7¢araday €qual to 0.99. Nfgreday is applied on the cathode operation,

1
NHyc = Z?ﬂfaraday (88)
1
NOoy,c = ﬁ(l - nfaraday)- (89)
then in the opposite way in the anode, which is described by Equation 90 and 91.
1
NHya = ﬁ(l - 77fa7“aday)~ (90)
1
NOy,a = ﬁnfaraday- (91)

Since the activation is dependent on pressure and product gas reaching saturated conditions, the molar flow of
product gas from the cathode is explained by Equation 92. It should be noted that the internal pressure follows
fundamental thermodynamic laws, meaning pg,o is also temperature dependent.

Hs — PH>0 .
ng, = M Leell Acell Nc(nOg,c + an,c)~ (92)
PHy0

The product flow from anode no, follows the same method as presented in 92 but with the change of Hs to Os.
As the product flow of mass is achieved by the addition of activation energy, the activation potential relation to
current can be described by 93. The temperature T, is different for the PEM model and is listed in Appendix
B1. 1 = ni, M generates the mass flow in terms of grams per second from molar flow, through the Faradic model
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as previously explained in theory. For oxidation reactions exceeding zero activation potential, the Butler-Volmer

equation for adjusted cell current density(i;) can be rejected.

—azF ) ((1 —«a)zF
n) —expl—F4+——

RTcell RTcell

’L'j = io,i(exp( (93)
In the calculation of J..; the same approach is done as Equation 77, i.e. the sum of potential interference
and internal resistance is equivalent to the cell voltage. The activation can be defined as the sum of J,., with
the dimensionless charge transfer coefficients a; for cathode and anode using Tafel Equation 94. The charge
transfer is the result of Butler-Volmer relations, thus the coefficient represents the fraction of electrostatic
potential energy and reduction rate in the affected electrode reaction.

Jact = Y RT; In( ! ). (94)

OéiZF 7;0,1'

i=a,c

Ohmic overpotential is calculated with the account of ionic resistance from the proton conduction membrane
between electrodes, resulting in ohmic resistance Ropm, by utilizing Equation 95 (Yigit & Selamet, 2016).

Uohm = Z‘cellRohrrL . (95)

The conductivity o is expressed as the semi-empirical relationship in Equation 96, derived from an Arrhenius
type expression. The relationship varies dependent on the membrane humidification of gas product reactants.
In the relation, T;.s stands for the temperature used in reference calculation.

11
et = (0.005139Z — 0.00326)e’ 2303~ Tocr) 5 107, (96)

The membrane hydration in the PEM cell is assumed to be the product of Equation 97, as 8pumiq is equal to
1 due to operation under 100% humidity.

E = 0.043 + 17.81Bhumia — 398587 wmia + 3685 umia- (97)

Ohmic resistance is then calculated with Equation 96 and given constants, with negligible temperature depen-
dence, via Equation 98.

t 2 4t
e

Ocell Occ Otq

Ropm = (98)
The contributing resistance from current collector R.. and bipolar plating R, have a proportionally lower
interference on ohmic potential since the material has suitable conductivity (Tiktak, 2019). The electrical
conductivity of the current collector is material dependent and can vary dependent on the membrane porosity.
The bipolar plates are dependent on flow distribution and cooling channel profile, as no current is applied
(Schnuelle et al., 2020).

Other resistances contributing to overpotential, for example, O, are excluded. The bubble factor © is assumed
to be negligible in PEM cells with accordance to increased pressure, which counteracts bubble propagation due
to void collapsing.

The open circuit voltage J,e, utilizes the Nernst Equation in similarity AEL theory, thus finalizing the internal
cell overpotential.

3.3.3 PEMFC

The performance of the fuel cell is calculated in order to estimate fuel cell power output, and applies to the
same Faradic model as presented in Section 3.3.2, except its calculated in reverse order as the molar flow output
is instead the required molar flow input.
For the fuel cell, a potential penalty is made for the resulting voltage, as increased performance corresponds
to decreased potential resistance as described in expression 99. The diffusion voltage decrease Jyif fusion, is
the adaptation of J,p,,, but accounting for the surface diffusivity, electrode active area, and concentration loss
Ueon. A similar method as presented in Section 3.3.2, is applied to activation and open circuit potential (Um
et al., 2000).

Jcell = Jocv - Jact - Jdiffusion - \chon- (99)

The ohmic resistance is not accounting the current collector of the cell membrane material, as only the membrane
conductivity and thickness are calculated and described in Equation 100. In order to account for diffusivity,
pure electrical resistance, and platinum loading, a constant value is applied representing the average penalty.
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This method does not follow empirical examples, and should thus be calculated specifically for the utilized
membrane material (Edwards & Demuren, 2019).

tm
Jdiffusion = Z‘cell(o.0979 +

p— ). (100)
The concentration loss V.., represents the reactant’s mass transfer limit, affecting maximal output. This
transfer is due to the ability of mass transfer being reduced, thus concentrations of oxygen and hydrogen
reaching current demands at higher values. The supply of reactants is then given a maximum limit when the
cell is no longer increasing current density efficiently. The concentration loss can be expressed as Equation 101
and does not affect efficiency under peak conditions (Saeced & Warkozek, 2015) (Um et al., 2000).

RT Z.cell
Weon = —Real(—=In(1 — - . 101
cal(stn(1 - <) (101)
With concentration and material losses, the updated value of fuel cell voltage J..; is calculated. The power
output of the stack is determined by total voltage output J and stack current I, as the stack voltage is the
product of the coupled cells in series, thus described as N.J..;; = J. The stack power output is calculated with

Equation 102, excluding the energy losses from equipment consumption.
Pgoer, = J 1. (102)

In the fuel cell stack, the consumption is only from supporting utility (Peonsumtion = Putitity), Which consists
of pumps for conveying water and creating sufficient back pressure enough to not flood the cell, additionally to
the cooling circuit pump.

Poutput - Pstack - Putility- (103)

The utility consumption can increase if the stack is disconnected from pure oxygen supply and atmospheric air
is utilized, as a compressor is inserted to increase internal air pressure.

3.4 Major equipment

This section describes the fundamental theory utilized for equipment in process modeling, with a brief intro-
duction to the application.

3.4.1 Steam cycle and Turbo-machinery

in a plant to generate electricity and heat, the boiler is connected to a steam cycle. The main components
found in all steam cycle calculations are a steam turbine, heat exchangers, condensers, pumps, a deaerator, and
a steam drum. The mathematical model, while retaining all the main components, differs in its layout. For
example, amount of turbines, district heating condensers, or process piping design can vary and is configured
for each specific steam cycle. A general flow diagram of how a cycle is calculated is presented in Figure 16.

COMBUSTION
ZONE

STEAM

TURBINE

Superheater

s
Evaporation J Con 8 n)ms et Cmg?]Sﬁ
Economizer

@ Deaerator

Figure 16: Graphical representation of how the general setup of the mathematical model is designed. This,
however, is only a simplified representation and is configured to fit the specific plant model.

28



The calculation process in all the equipment is based on mass energy balance, and changes in specific enthalpy
decide the next state of the steam, liquid or vapor. The state includes the variables mass, pressure, composition,
temperature, heating value, enthalpy, entropy, and vapor fraction. The energy and mass balance equations can
be applied, with the heat generated by combustion making the steam reach the preset cycle conditions and
enter the steam turbine, whereas the exit conditions of the steam turbine stage are calculated with the isotropic
efficiency as presented in Equation Equation 104. To achieve the specific enthalpy of the output ho, the steam
expands to the same pressure as the theoretical output enthalpy hs;s. In the expression, the specific enthalpy
of the input h; represents the initial stage.

ho = h1 — (h1 — hais)ns,sT (104)

Applying theoretical calculations directly, with values representing actual mass flow but without information on
flow relation between condensers 1 and 2, is not a feasible model. In order to apply the mass and energy balance
for the steam turbine, the condenser 1 is calculated by using the district heating demand @ pg, as described in
Equation 105, thus a minimum amount of mass flow mpy can be updated in next iteration.

QDH = mDH(hout - hin) (105)

The state and output of condenser 2, representing cooling water, are altered to fit the steam cycle iteration that
is based on the bisection method. After the deaerator, and mixing of incoming saturated water at minimum
temperature, steam reconfigured is fed back to the steam generator heat package consisting of an economizer,
evaporator, and superheater, which cool down the boiler flue gas and generate heat.

Pumps and compressors exist in all mathematical models, with input parameters deciding the desired state
of output after pump or compression. The updated state is calculated by applying the pressure and thus the
increase of the temperature of gas. In Equation 106 the outlet temperature is calculated through compression
of an ideal gas, as the thermal capacity and temperature define the enthalpy of outgoing gas.

(Z) L 1] . (106)

In the water pump, the steam Table is utilized to calculate the outgoing enthalpy, which originates from
mathematical linear approximations (M. Holmgren, 2023). The power consumption is then expressed as the
change of inlet and outlet-specific enthalpy.

T

ns,AB

T, =11 +

Pequipment = nmechm(hZ - hl) (107)

Calculating the generation of electricity through steam turbines follow a similar approach as the compressor,
with the difference in specific enthalpy deciding output mechanical power. The generated power can then be
calculated by multiplying the product with generator efliciency ngen.

3.4.2 Purification and cleaning

The primary objective of syngas cleaning is to remove contaminants such as tar, particulate matter, sulfur
compounds, and heavy metals from the gas stream. These impurities can cause corrosion in downstream
equipment and reduce the efficiency of processes. To calculate the impact of pollutants on the product syngas
from the gasification stage, the S, C, and O molecular structures are assumed to follow the balance reaction
108,

Hy + S — H)S. (108)

and balance reaction 109 describing hydrolysis stage.
COS + HyO — HyS + COs. (109)

In the calculation sulfur separation follows the balance reaction, giving a content penalty for hydrogen in gas
depending on the size of sulfur exiting the gasifier. Sulfur is completely removed from energy and mass balance
during cleaning, thus no other penalty except power, temperature drop, and hydrogen content is calculated
during this step which is connected to the wet scrubbing.

In the cleaning steps, heavy tars or large particles leaving the gasifier island are not calculated, and they
are assumed to be removed in the cyclone or bag filter before entering the next process. For cases requiring
conditioning of the gas, mathematical models for cleaning, separation, or purification are not executed, except
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for sulfur removal, and basic stoichiometry is applied. Instead, pressure and temperature are adjusted to meet
the conditions through a specific state of the product gas. For example, increasing temperature and pressure
to x and b, respectively, give the recovery rate of z for a chosen cathylic base, thus creating the new state of
product gas as described in Equation 110.

z = process(x,b). (110)

A similar approach is applied to the case of electrolysis process models, including energy penalty for water
purification.

Details on requirements for each component are found in Appendix 2.1.1, and certain conditions need to be
fulfilled, for reaching a passable purity grade in order to assume the pollutant is completely removed from
downstream calculations.

3.4.3 Heat exchangers

Heat exchange between streams is described by applied thermodynamics, as various calculation methods are
utilized to solve the state of output streams from the heat exchanger. The selection of the method is dependent
on the complexity of flows or how the heat will be transferred. The initial method for solving the outgoing
temperature of streams in a HEX is the Epsilon NTU method, with the main heat equation, expressed as
Equation 111.

Qtruns =UA (Thot,in - Thot,out) (111)

The transfer coefficient U and tube area describes the conditions of the tube heat exchanger (DeWitt, 2006).
To calculate the effectiveness of the heat exchanger through the NTU method, the first step is to define the
stream thermal mass capacity value ¢, as in Equation 112 and 113.

ﬂhot = mhot Cp,hot (112)

ﬁcold = Mecold Cp,cold (113)

A function for finding the lower and higher values, ¥,,;, and ¥,,4., is applied to evaluate the streams shared
constant ¥, with Equation 114. Equipment-specific parameters define the NTU number with Equation 115.

ﬁmin
= = 114
19T ﬁmaz ( )
NTU = ﬁUA (115)

The NTU number is utilized to generate the effectiveness of the heat exchanger, depending on the selected type
of tube heat exchanger and flow configuration.

_ 1—eap(-NTU(1 +9,))

11
149, (116)

UE

Equation 116 represents the effectiveness of the parallel flow of streams inside the heat exchanger, and Equations
117 and 118 for counter-flow movement (Equation 117 is valid for 9, equal to 1, Equation 118 otherwise).

NTU
"= TYNTO (117
1—exp(—NTU(1 —9,)) (118)

e= 1o Yrexp(—NTU, (1 —¥,))

After defining the effectiveness, the heat transfer for the stream is calculated as described in Equation 119 to
obtain the amount of heat transferred.

Q = TNe ﬁmzn (Tvarm,in - Tkall,in) (119)

Through @, the temperature of outgoing streams can be calculated as Equation 120 for the heating medium,
and Equation 121 for the heated medium. This also applies to cooling.
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Thot,uot = Thot,in - W (120)
ot
Tcold,uot = Tcold,in - ﬁ&ld (121)

This calculation can be applied for any flowing medium, that is, if the drag or turbulence inside equipment can
be approximated.

3.5 Economy

In this section theories regarding investment cost, economic performance indicators, and system benchmarking
are presented.

3.5.1 Economical performance

In order to calculate the economic state of the plants, it is required that the necessary investment costs are
mapped, as this lays the foundation for the financial feasibility. Only components that are assumed to have a
high relative cost are treated in the calculations. In the case when data derives from a facility of a different
scale than the one applied in the current model, equipment cost is dimensioned according to Equation 122 to
generate a price estimate C for the component,

C = Co(2)! (122)
S0
and () is the reference cost. Variables s and s are the dimension value of the plant, additionally the dimension
value of the reference, respectively, f is the scaling exponent, which is the factor determining equipment sizing
effect on price. In order to approximate the cost for equipment having values documented before the current
time, the exchange rate proportional to the year 2023 is accounted for.

Cestimated = Chistoric Lg. (123)

Equation 123 presents the formula used to determine the current investment cost of components. The inflation-
weighted constant ¢;, is generated by comparing present and historic change rates. To determine net present
value, the net cash flow NCF is calculated, which is descriptive of gross income subtracting the expenses of the
facility, which is presented in Equation 124. Coprx and Coappx describe the annual operating cost and the
capital investment cost.

NCF = Cincome — CorEx — CoapPex. (124)

Net cash flow that accounts for the annual discount rate calculated through a similar method as the tax from
gross income is suppressed due to the discount rate. Please note that equations also include the current year
from starting the payment plan, as income and OPEX increase annually due to inflation. The net present value
(NPV) is calculated according to Equation 125 and is a value that defines the economic performance of the
facility by translating future income and expenses into the present value. A value of NPV > 0 is considered a
profitable and positive result. Calculating NPV, year 0 is the initial time of investment and constant production

is assumed unless otherwise stated.
z

NCFy
NPV = Z TiDRE (125)

In the equation, DR denotes the discount rate and Z is defined as the current period. The investment cost,
CAPEX, of the facility, and income are the fundamental values calculating economic performance. An alterna-
tive method of measuring the economic performance of the facility can is determined by calculating the payback
time (PBT). The period of payback is calculated as the number of periods required to achieve a NPV equal to 0
and represents the time required to pay off the facility’s investment cost. A shorter payback time is reached, in-
dicates the time required, and generates a decreased time for the facility to be economically beneficial. Another
economic indicator is the internal rate of return, IRR, which is the expected annual return on the investment
to assure a NPV equal to 0 after a specific time. The metric IRR takes into account the time value of money
and is calculated through each period. A value of IRR is obtained by iterative calculations of Equation 126.
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3.5.2 Benchmarking

When calculating the economic and physical relation into a converged model, the theory of utilizing the variable
market over time to benchmark economic performance is executed mathematically. To set the initial parameter
determining the overall annual activity for the electrolyzer and fuel cell, a threshold is applied for activating the
equipment, consuming or producing electricity depending on the spot price. The flat rate modulation is used
for this particular system that stops the production of hydrogen after a certain threshold and is a simplified
application similar to those derived from documented cases in literature (Nguyen et al., 2019a). In Equation 127,
the fixed price Fized, represents the threshold, producing a time vector ¢; with hours of hydrogen production.

t1 = f(Fized, < spotprice(t)), and t=1or0. (127)

The time vector has a length equal to the number of hours during the year, with activation indicated with
values 1, and 0 if the equipment is shut down. The time vector can be expressed as Equation 128.

zl

. 2 '

t, = . , and Z t1 = 8760 max. (128)
h 8760
Tn

The vector describing the activation of the fuel cell or electrolyzer during balancing, either by receiving power
in the electrolyzer or output power to the grid, is not set by any threshold for nominal spot price activation.
The activation is instead based on the specific support service price and demanded volume, while only providing
the balancing service during a limited time on the specific hour, observed in Equation 129.

—

S(t) = vf(onlume(t) < Fixedcap)~ (129)

Due to the uncertainty of the actual time span and when the activation of the reserve is required during
the biding hour, 1 service per hour is applied and a selection process between services is initiated to achieve
maximum economical performance. In selection, the prediction of actual activation time length is dependent on
volume, and volume demands over a certain threshold render slightly longer balancing time than the anticipated
average, or shorter for volumes under the fuel cell capacity. Equation 130 express the method by which the
activation time length is scaled after the demanded volume, and Jg, is the time scale factor that is limited. The
scale factor’s critical value is set so that the estimated activation time can not be higher than the quadratic
product of average balancing time.

—

onlume (t)
Ps.

i

A(tg) = gt{Sitavg and {Si = and tg, ¢ {Si > tavg- (130)
The actual activation time is then calculated as the product of each activated service (2;) and weighted activation
time,A;, during the specific hour, as expressed in Equation 131.

h =S A (131)

Variable i represents the support services. In Appendix 1.1 the economical calculation and utilization of activa-
tion time of support services are illustrated. The activated service times €2; are the price and volume optimized
vector of support service selection and output the time when balancing is active, as presented in Equation 132.
Accordingly, S, ; represents the product of the price and volume of a specific service.

Sp,o > Sp,b Sp,o > Sp,c
Sp,b > Sp,o Sp,b > Sznc

Qi(Sp,mSp,b7Sp,Ca ) = Sp,c > Sp,b Sp,c > Sp,b

(132)

The updated activation time of support services is then subtracted from the production time and added to avoid
an accumulation of time exceeding the feasible amount. The total actual activation time is then quantified as
tior Or activation time vector t;,, calculated with Equation 133.

Dt =Y (i —titz) + Y ta. (133)

8786 8760

The output time vector t,o; is the total time in second resolution, and the specific hour of basic power production
is not distributed entirely, as the support service only requires a fraction of the nominal activation hour. The
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same equation is applied in the case of fuel cell activation, as the fixed threshold for fuel cell activation is
calculated as Equation 134, and Y is a configurable variable that logically should be set as the efficiency of the
fuel cell (although this is not fixed and can be changed to test economical equity to the model).

Fized,
Fivedpc = sze . (134)

In determining the specific hours when the fuel cell or electrolyzer is active, the threshold is based on a factor
Fizedpco, as the factor is required to be greater than the threshold Fized, to generate economically beneficial
results, thus creating time vectors with positive integers not exceeding 1 as described in Equation 135.

To=torrc, and 0< 3 torpe < 1. (135)

In balancing the hydrogen storage and exchange, f3 is the vector representing the time when hydrogen is
extracted out of the system, with DM as the total annual demand distributed on the sum of ¢t3. Equation 136
expresses the consumption of hydrogen, from selling the gas as a product.

& =t3 DM. (136)

The dynamic performance of the cell is measured by the accumulated time under sub-optimal operation and
nominal operation, signified by the change in electrolyzer or fuel cell load. The overall production penalty for
the accumulation of ramping time and production flux is calculated in Equation 137 as nproduction and will thus
affect the production of gas.

EP optimal

,optima

TNproduction = = = . (137)
tP,optimal + tP,sub

In order to simulate the dynamic storage, time operators change to the activity of each parameter x = W
tmaircate

and are multiplied with the production of hydrogen to simulate the active exchange of gas between fuel cell,
electrolyzer and sell of gas.

¢ = mH?,E(nproduction ftot + f()*) - - mH?,FC f()' (138)

T« represents the power received from the balancing grid, meaning the non-nominal production of hydrogen.
The vector representing the exchange of accumulated hydrogen ngS is added to the initial amount of hydrogen in
storage Storage;niria to prevent the exchange of hydrogen if no hydrogen is available in storage. The cumulative
sum of the product in Equation 139 is then the mathematical representation of storage dynamics.

Storage <= QASJr Storage;nitial (139)

In terms of byproducts, the district heating is dispersed momentarily and is not assumed to accumulate. The
calculation of oxygen supply is based on the same main line equation as hydrogen but with no initial storage
and constant consumption of supply.

The reliability of product supply is based on the availability of the plant, the general formula being presented
in Equation 140, as the time during partial load and full load is represented by t,cive-

a= tactive ) (140)
tacti’ue,tot + toff

In order to numerically estimate the probability ¢ of each outcome, utilization of each specific plant is combined
in the manner of p(a) = a, as seen in Equation 141 representing the probability of capacity supply.

¢ = p(al) p(a3) p(a3) .. p(an). (141)

The probability of no availability, or the change of state, off, for the specific plant’s availability is calculated
as the inverted nominator for each case p(1 — a), thus is utilized instead of activation, creating several possible
combinations of such equations describing the probable outcome.
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4 Method

In this section, overall methods for solving the research end goal, are described, also a review of material is
briefly discussed under Section 4.1.4.

4.1 Method description

The overall method in this work is to create simulations through programming in MATLAB2021b that performs
the calculations mentioned in the theory section, while literature studies and mapping of existing and design
processes to fit plant layout form the basis for how the content is computed. To calculate the dynamic activity
between fuel cells, energy storage, and hydrogen production, a model is created through programming in the
calculation tool, as the facilities work to deliver electricity, support services, district heating, and hydrogen.
To determine the economic performance of the plants and benchmark results, calculations and programming in
Excel are executed, which are activity-based from determining technical performances.

4.1.1 Matlab 2021b

To simulate a calculation model of the plant, mathematical programming is utilized in order to freely customize
reactions and processes in the simulation, whilst maintaining computation times to a moderate level. The tool
that has been used is MATLAB, which is a programming and numerical calculation platform that provides
the opportunity to analyze data, develop algorithms and create models. The process models for the facilities
are based on built-up concepts gathered from literature and by having their physical processes translated into
mathematical code. The numerical tool can additionally print a graphical representation of the result that
contributes to analyzing the results. The tool MATLAB also includes software called Simulink that provides
support with computation of control systems to test models in live iteration, for example, to measure fuel cell
ramping performance (MATLAB version 9.7 R2021b, 2022).

4.1.2 Aspen plus 10V

Aspen is a flowsheet tool that can with given values calculate basic chemical reactions and mass energy balances.
In this thesis, Aspen will only be used as an extension to calculate the effect on CCS during oxyfuel combustion
in KVV8. Aspen can be used for most of the calculations about the gasification processes as well to verify less
advanced steps outside the gasification process but is not used due to the complexity of the kinetics and the
long computation time.

4.1.3 Approximation methods in computation

In order to generate plausible flows in the model that do not depend on the direct order of the physical modeling,
some streams need to adapt themselves to match the continuous equations of the model. For example, the
distribution of steam cycle condenser mass flows, requires downstream flows to adjust for function replicating
the real-life plant when district heating demand and heat added to the system alters. The Newton method is in
this thesis applied for the gasification computation, for example, to renew the flow of downstream syngas from
the freeboard or the rate of char conversion and thus the particle mass-flux out of the reactor. The method
is called the Newton method or the Newton-Rahpson method and is a root-finding algorithm that, through
iterative calculations approximates and solves an equation (Raphson, 1697). The bi-section method is utilized
in computation to solve mass, energy, and temperature flow rates. The advantage of using this approach is that
the convergence is guaranteed and the error can be controlled, as the fitting for numerical calculations that
have infinite solutions. On the other hand, in some cases, it cannot find the root, and convergence may be slow
especially depending on precision (R. & D., 1985).

4.1.4 Data collection

A basic prerequisite for the model created to be considered physically applicable is that the location and existing
structure support the integration of new technology. In those cases gasification is considered applicable, field
surveys have been carried out in consultation with a plant expert to take measurements and connection points
where the new reactor unit can be connected. In order to make correct simulations, process drawings, and
operating data are treated to determine the parameters of the steam cycle, fluidized bed, size, and quality of
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the fuel raw material.

For the market research and the electrolyzer, historical data strings are collected on electricity prices, sup-
port services, and heating demand of current periods. The data is reviewed and compared with collected data
from the RISE department for hydrogen, in order to assess the credibility of the material. The data collected
to estimate the oxygen value is linked to the internal performance of the co-generation plant located in the
vicinity of the electrolyzers, as operating data under varying amounts of oxygen is analyzed to link the energy
consumption of downstream applications.

Information not derived from existing systems or facilities, for example, the density of bed material, is taken
from literature and applied only if two or more sources exist that can verify the value, which then proves that
empirical material is followed.

4.2 Program: Technical performance

To apply the theory for each individual case, the calculation tool is used by defining the input data, which is
then processed and generates a string of output data.

4.2.1 Main script: Plant modeling

The structure of the script, representing designed process plant models, is made up of several sub-scripts and
functions which are then called in the main program to calculate a result sending it back to the main script.
Input data is required to start the calculation, which means defining the parameters of the various components,
the states of the processes, and external factors such as outdoor temperature and heating demand. With this
input, the various sub-scripts are called in order and finally calculate, using mass-energy balance, the result
of the plant’s performance. In each subscript, a process is calculated, for example, chemical reactions or com-
pressing gas utilizing known theory. The output flow of the respective process is given by updated temperature,
mass, composition, vapor fraction, enthalpy, state of energy, and pressure. Other outputs of these functions or
subscripts are computed separately, for example, the power consumption of the specific component or reject
material flows. In combustion processes, air separation units, and gasification functions of relatively shallow
complexity, the mass is undefined and only expressed in a number between 0 and 1 that represents the proportion
of fuel or air. This is because the amount of fuel is calculated depending on the consumption of the boiler and
the boiler or reactor to achieve the target temperature. The oxidation point from the combustion is then used
to recalculate the mass in the gasification section, the iteration is performed and a new quantity of biomass with
updated parameters goes through the process once more, in iteration, to output the final mass balance. Steam
cycle, char conversion, gasification, and combustion are processes that require iterative calculations, that are
solved by approximation. The approximation methods are central for the scripts to function and are defined by
either the Newton method or the bi-section method to update the correct dimensions of steam flows, oxidation,
conversion time, or mass fluxes in general until a steady state is reached.

In the gasification script, the theory is used to calculate gasification syngas flow and mass flow of char by
the semi-kinetic model, or kinetic models with single course complexity. After all process stages are calculated
the final result is presented, which is descriptive of the plant’s technical performance. Losses in the model are
calculated or predetermined. Assumptions are that pipes are completely isolated and no heat is lost due to
transport between stages, only internal. No components except the heat exchanger have U value, since the
transition of heat losses out of the model is limited to radiation loss of the boilers and electrolysis unit.

The scripts for the electrolysis are based on the same premise with only structural differences and overall
lower complexity. In this type of script, the cell performance is initially calculated, which then is translated to
the demand and output of a single stack. Fuel in this case represents the electricity demand and water, instead
of solid fuels, air, and steam for the combustion or gasification. If there is any outcome in a process or called
function that violates fundamental physical laws, for example, a sum of composition shares below 100 %, the
computation is stopped. Even too low fuel flows during combustion, temperatures, or deficit of oxygen, generate
an error code stopping the computation.

4.2.2 Program: Support services and activity

To calculate the activation together with the performance of the electrolysis and fuel cell platform, called Agir
1, a threshold is required on which the cell or stack is active. This threshold is set by iterative calculation in the
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program when the economic profit of the whole plant is at its peak, as described in Section 3.5.2. The program is
calculating the process in steps, by initially determining the current market that is given, and outputs the total
activation time. Activation is the input for functions representing the specific clusters of electrolyzers and fuel
cells. The functions for the technical equipment are split into two modes to simulate the ramping of each stack,
which operates at different loads during the start of activation. The second stage in the program optimizes
and selects support services for electrolyzers based on volume and compensation pricing. The same process
is applied to support services up for fuel cell activation, taking also into account the price of the general spot
market, thus resulting in the most cost-effective distribution of balancing reserve. The third step synthesizes the
information computed by each production method, thus calculating accumulated production and consumption
of the hydrogen, with a preset of an initial state of the storage. Please note that the storage is simulated
because of problems that can occur with the support services and basic use of power-to-gas-to-power service
from the fuel cell. The target of the analysis is to balance the gas in the storage while continuously also selling
the gas and providing support services to the grid. In the case of auto-balancing, iterations are then applied to
balance the storage with the help of minimizing hydrogen production and stop of the gas-to-power basic service.
A simplified description of the algorithm process is presented in Figure 17. During the peaks when supply
over-exceeds the capacity threshold, hydrogen is assumed to be stored externally from the continuous selling
of hydrogen. Another balancing is made by trial and error until peak conditions can be identified. After the
balancing of each parameter is made, a primary economical estimation is executed. Additionally, the byproducts
water and oxygen re-circulation are calculated, to decrease operational cost if not the function with atmospheric
compressor is used. No fitting of the phase of the grid is accounted for mathematically in the program, since a
battery is included in the cluster, and evens out frequency or reactive displacement.
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Figure 17: Flowchart of the benchmark algorithm utilized to optimize services and activation with hydrogen
production.

The gasification script is similar script as the Agir 1 platform in the initial state, but with activation based on
load without any interference from the spot market or support services, since hydrogen is the primary product
of the gasification. The script also shares the same method with storage but with only selling hydrogen as a
consuming service. no second resolution is applied since there is no need for applying high-resolution simulation.

The combined gasification, fuel cell, and electrolyzer scripts calculate the combined performance of the sys-

tem, as fuel cell size can be increased to deliver a larger portion of service, or hydrogen can be sold in larger
volumes in an attempt to satisfy future demand. The methodology of this is the same as previous methods and
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the facilities work independently except in the generation of supplied hydrogen or district heating.

4.3 Value of oxygen

When calculating the value of oxygen from electrolysis, the varying performance of the adjacent CHP and post-
combustion CCS is working as a metric. The method of calculating the impact of oxygen enhancing the air
input consists in initially computing the flue-gas composition, mass, and boiler temperature change dependent
on the added parts of oxygen in the inlet air. This is designed with the same base as the boiler and gasification
program. The data strings gathered from the calculation are then inserted in the Aspen model, obtained from
Stockholms Exergi’s own model, as presented in Figure 18. By simulating the updated data, the performance
can be measured, thus supporting the estimation of a reduced operation or investment cost for the future
installation of BECCS in Vartahamnen.
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Figure 18: Iterative process of the CCS performance calculation.

To simulate realistic values, an iterative process is required to optimize boiler temperature, by recirculating
the flue gas downstream back to the combustion, thus cooling the combustion process to nominal working
temperature and controlling oxygen content in emission from the stack. In order to retrieve usable results, a

normal run is executed and compared to real process flows.

4.4 Proposed models

To analyze the possibilities of regional scale integration of hydrogen production, a screening of the alternatives
is established to determine results in the following proposed models. The basis for the decision is the location
and opportunities for the technology, which is illustrated in Appendix 1.1. By investigating the current layout
of the plants and opportunities for integration and replacement of current boilers, process models of the new
systems need to be mapped in order to execute any type of simulation. The proposed models consist of four
types of gasifiers and one type of electrolysis-based platform. All models have hydrogen as the main product,
with the exception of the electrolysis platform, which delivers of balancing grid as a shared main product.
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Figure 19: Process flow diagram of the proposed integrated gasifier system, named Idun la. The boiler process
and the steam cycle are illustrated as a box, of the existing plant, thus is not shown due to confidentiality.
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In Figure 19 a process model is presented, showing how the Equation based mathematical simulation is struc-
tured, and all the equipment pictured is calculated in steps based on the integrated gasification model. A list
containing of all the suggested process models, operational parameters, and calculation results can be observed
in Appendix 2. In the Figure beginning with the gasifier island, the gasification reactor is present and connected
by circulating bed material (S4), heating of steam (B7) through central HEX, and grinding of solid fuel (B11).
In the steam recovery cycle, syngas cooling (B4) and heat transmission (B9) in a shell and tube heat exchanger
are present to produce high-pressure steam to the existing steam cycle for downstream applications. In the next
stage after cooling, the syngas is fed through the bag filters (B13) and conveyed with a fan (B14) or expanded
before entering the cleaning stage. The cleaning stage consists of scrubbers (B17) and other equipment indexing
the separation points (B20, B21). The cleaning process is illustrated further in Appendix 2.1.1. In the cleaning
stage, condensing of water and compression of dry syngas are made to match the operation state for water gas
shift reactors (B23). The condensed water is utilized for the water gas shift after internal pressure is equal to
the dry syngas and is then mixed.

In the 1st separation stage, C Hy and leftover CO are separated (B26) and combusted (B36) with atmospheric
air. The heat generated by the reject gas combustion is utilized as a complementary source of heat to the heat
exchange cluster (SH). Note that the C'H, is not vital for creating high-pressure steam in this particular case.
The labels called Steam are descriptive of the input of low-pressure steam or water since they represent the
material flow and not the inlet state. In the calculation, these types of flows are at ambient temperature and
at atmospheric pressure. After the 1st separation stage, the 2nd separation stage is calculated, as syngas is
purified by PSA (B27), a process resulting in separate material flows of COy and Hy. The COs is cooled after
the separation, cooled (B44) to atmospheric temperature, and then subcooled (B45) with cooling utility to the
desired temperature, before expansion (B46) of the gas. The product of the CO2 is then stored as a liquid and
ready for transportation. The Hy stream is then compressed to 30 bar, cooled in a heat exchanger (B41), and
passed through a last purification (B43) step before entering the storage as a final product. Condensers and heat
exchangers have the same visuals in this flow sheet, with + — @) indicating if the step requires heat or output
heat to the central heat exchange cluster (SH). The excess heat from the cluster is utilized in for district heat-
ing applications, combined with the accumulation of high-temperature condensed water throughout the process.

The facilities of which the different gasification systems are investigated are Hdgdalenverket and Bristaver-
ket. After Consultation with the management at Stockholm Exergi, boiler P6 at Hégdalen and B1 at Brista
were suggested as suitable for integration, while boiler P3 at Hogdalen is the only boiler relevant to be replaced
completely. For strategic purposes, the gasifiers have a maximum limit for the dimension when being integrated
into the boilers. In Figure 20 and 21, an illustration of the placement of the proposed gasifier integrated with
the respective boiler is shown.

Figure 20: Gasifier for system Idun la, connected to the boiler sand trap called intrex, with the connection
in the upper freeboard surface for circulation of remaining particles. To the right of the gasification reactor a
smaller cylinder is placed which represents the feed separation of heavy particles residing in the synthetic gas,
leaving the gasification stage.

It should be noted that the figures presented are made only for illustration purposes for placement strategy,
and do not represent the complete system.
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Figure 21: Gasifier Idun 1b, connected to the boiler sand trap called intrex, and connection in the upper
freeboard surface for circulation of remaining particles. To the left of the gasification reactor a smaller cylinder
is placed which then represents the feed separation of heavy particles residing in the synthetic gas, leaving the
gasification stage.

In Figure 22 a process diagram of the AEL stack for the electrolysis platform is presented, the representation
does not include the fuel cell or surrounding equipment connected to oxygen or hydrogen utilization. This
process is based on the suggested design by literature (Sanchez et al., 2020), with the only difference located
within the cooling circuit (Sakas, 2021). Water is assumed to have been passing the purification de-ionization
stage before entering the simulated process, and is applied with the premise of an energy penalty to the process
simulation.

To initiate the process, the inlet water is pumped (B3) into the Hs separation chamber, followed by agita-
tion (B2) with electrolyte and water. The water is not to be preheated, since compression of the pumped water
and re-circulation of condensation, heats the water over the operating temperature. In the agitation and mixing,
water from Oy and Hs separation (B, E) is included. The product gases from the electrolysis product then pass
the purification and de-watering stage, as demisting and drying of the Hs is executed before sequential com-
pression (B12, B1) and heat exchange (B10) of the H, is made to recover sensible heat for the cooling circuit.
The oxygen is separated from water, with no additional purification. The product gasses are then stored at 30
bar for Hy and 20 bar for the O by-product.
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Figure 22: AEL electrolyzer process model, connected to district heating.
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The electrolysis cooling system and internal coolant feed pump are coupled to the central district heat exchanger
(B17), and return water from the district heating is heated by the coolant water from the electrolysis platform
(Burrin et al., 2021). This completes the proposed model for the AEL stack. The PEM stack layout is assumed
to work similarly to this process, with an exemption of equipment related to the increased pressure surrounding
the electrolysis.

In order to simplify the documentation of the proposed models, different names are assigned to each sys-
tem as presented in Table 9. Each gasifier model is scaled to fit the environment, with the available space as

the only constant, since the fuel feed rate is assumed to be continuously saturated.

Table 9: List of the proposed hydrogen production facilities.

Facility Idun 1a Idun 1b Idun 2a Idun 2b Idun 2¢ Agir 1
Main technology DBFB DBFB CFB EF Downdraft FB  AEL/PEM
Input capacity (MW) 72 23 45 49 10 5.1
Location Hogdalen Brista Hogdalen Hogdalen Hogdalen Viartan
Replacing Boiler No No P3 P3 P3 No
Connected Boiler P6 B1 No No No P8

Multiple systems replace the P3 boiler in the Table because the names a,b, and c stand for the alternative
of Idun 2 configuration. This thesis includes the evaluation of technologies listed as the most cost-efficient
alternative for this kind of replacement, meaning that only one of the gasification technologies will be selected
as a final proposition and not altogether replace the P3 boiler.

4.5 Market study

The analysis method of the benchmark is by analyzing historical market data within the span ranging from 2017-
2022 to apprehend relevant information. Moreover, the utilization of mean values for historical counterparts in
the study is set to a minimum to achieve realism in the economic and performance output. For example, the
market preset for each string of volume utilize the respective string of active pricing as seen in Figure 23.
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Figure 23: Example of data string containing demanded volume and market price for capacity compensation
over the year 2021-2022.

The execution of all models is activity based with the assumption of working loads for the gasifier since it is not
entirely controlled by the boiler load. The price for fuel is derived from a quarterly analysis of historical data
of market value presented in Appendix B12.

In the case of an information gap for economic data, especially regarding data on support services, the de-
mand and pricing are observed to share some linear similarity and can be replicated. For example in Figure
24 this connection can be observed for most services, according to data collated from sources Mimer, 2023
Nordpool, 2023. Combining this with the historical demand such data can then be calculated to generate a
weighted value for the missing data set. Forecasting data for future cash flows of support services to generate
possible scenarios is also investigated and is illustrated in Appendix 1.3.
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Figure 24: Diagram representing the historic price change of support services, with the price, indexed for both
capacity- and energy compensation. Year 2023 is augmented, partly estimated from literature SVK, 2023a

In the selection process of support services, cost optimization for deciding a combination of services without
depleting or creating an imbalance in the storage supply is required, thus enabling the provision of minimal
volume requirement for each service. Different combinations are tested with an active optimization of services
for the ones that are expected to initiate at the same time range, auto-selecting the most cost-efficient support
service at the specific hour. In this calculation, support service is prioritized before the basic sale of power when
the second pricing of power is less than the compensation price.

All the tests generate different types of income from sold excess gas and gas utilized for balancing the net, with
the expectancy of volatile results due to less or no taxation of gas with balancing, while basic power-gas-to-power
can create several endpoints in the economic calculations.
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5 Results

The result section is split into three main parts, beginning with the technological performances of proposed
plants, followed by economical performance and investment analysis under Section 5.2. The investment analysis
and benchmark are then elaborated in Section 1.7.2, since the volatility of the result regarding electrolyzers
requires an additional basis for determining economic feasibility.

5.1 Independent technical performances

This section focuses on results from the process model simulations, and presents the technical performance of
each proposed model independently, including selected information regarding technical equipment performance.
All values are rounded up to the nearest integer before decimal.

5.1.1 Electrolyzers plant models

AEL From calculating the cell performance, the optimal conditions for the cell can be evaluated with the
constraints of the physical application. The constraints for achieving higher temperature is depending on the
durability of the cell, as the nominal temperature for an AEL cell is 80°C, and is not expected to exceed this
limit. In application, a specific current density is assigned from equipment information, In Appendix 1.1 the
input data for the cell can be observed. Over-potential is directly correlated to performance since every voltage
increase over the reversible voltage (Jy.,) increases the amount of energy loss in the form of heat. The result of
the cell potential difference of temperature and bubbling factor can be presented in Figure 25, as the potential
increases with the decrease of operational temperature. Through testing the bubbling factor and temperatures
combined, it can be concluded that the bubbling factor and temperature render a slightly increased potential
than if the bubbling factor is excluded. The temperature and bubble propagation effect on potential correspond
to previous research with an insignificant margin of error (Hoedemakers, 2021) (Vogt, 2023) (Abdin et al., 2017)
(Schnuelle et al., 2020).
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Figure 25: Diagram illustrative of the AEL cell performance. The cell performance change, dependent only on
the bubbling factor and temperature offset, is presented to the left. The performance including all interference
with potential is presented to the right.

The cell potential for AEL electrolysis has documented flux of efficiency dependent on activation time and can
be utilized when planning activation. The research suggests that the propagation of degrading factors has an
effect on short-term cycle times, thus the performance of the cell is affected as presented in Figure 26, and is
non-linear. The detailed reasoning is not investigated in this thesis but is considered in the strategic analysis
since the result is not verified through source and is a mathematical curve approximation made for illustrative
basis (Weifs et al., 2019). This effect does not apply to the receiving and compliance with the technological
internal ramp behavior of the cell, which is concluded not to interfere with the performance of a capacitor is
present or during nominal frequency (Tuinema et al., 2020).
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Figure 26: Result of mathematical curve fitting for the activation times effect on cell potential.

The production of district heating from the excess heat in the system is based on coolant and cooling circuit
performance. Figure 27 shows the results based on different flow configurations.
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Figure 27: In the left diagram, the circuit cooling temperature and output district heating temperature is
illustrated, additionally with total output performance to the right.

In Table 10 the calculated performance of the stack, cluster, and other performance-related parameters are
presented. This simulation assumes isothermal conditions for all utilities except for the electrolyzer stack. The
mass flow at hydrogen output is not the pure product, thus 0.1% of it is water and tells the summarized weight
of the outgoing stream.
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Table 10: Electrolyzer for Agir 1 platform,

AEL stack and cluster performance.

Parameter Value Unit
Massflow Input/output

Water feed 110.2  kg/h
H; output 222 kg/h
02 output 88.0 kg/h
District heating

Supplied capacity 288.0 kW
Return temperature 60 °C
Output temperature 74 °C
Power consumption

Utility Cleaning 99.7 kKW
Utility Compressors 94.1 kW
Utility Pumps 4.6 kW
AEL Electrolyzer 944.7 kW
Total consumption 1044.4 kW
Hydrogen efficiency 70.7 %
District heat effeciency 25.0 %
Total effeciency 95.7 %
AEL Cluster 5.1 MW:

No. Stacks 5 st
Connection Parallel -
Coupled input Voltage 3096 V
Coupled input Current 1500 A

The simulation result of other parameters that can be relevant for performance, is allocated in Appendix 2.

PEM The result from calculating the performance of the PEM electrolyzer stack indicates that the tem-
perature is not as intricate for achieving workload potential, in comparison to AEL cells. In Figure 28 the
temperature effect on cell potential is presented. The simulation result in regard to temperature interference of
cell performance correlates with previous research (Schnuelle et al., 2020). In the case of PEM, it is assumed
that pressure is high enough to prevent any type of void propagation in the fluid, thus decreasing the number
of variables that affect PEM final performance.

PEM Temperature potential Interference
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Figure 28

In Figure 29 the dynamic between cooling and outlet temperature is shown. The result from temperature and
recovered heat differs from the AEL stack, because of the difference in heat transfer ability and size of the
cooling medium.
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Figure 29: In the left diagram, the circuit cooling temperature and output district heating temperature is
illustrated, additionally with total output performance to the right.

In Table 11 the calculated performance of the stack, cluster, and other performance-related parameters are
presented. This simulation assumes isothermal conditions for all utilities except for the electrolyzer stack.

Table 11: Electrolyzer for Agir 1 platform, PEM stack, and cluster performance.

Parameter Value Unit

Massflow Input/output

Water feed 11.7 kg/h
Hj output 2.4 kg/h
02 output 10 kg/h
District heating

Supplied capacity 32 kW
Return temperature 60 °C
Output temperature 83 °C
Power consumption

Utility Cleaning 0.2 kW
Utility Compressors 0.9 kW
Utility Pumps 1 kW
PEM Electrolyzer 112.2 kW
Total consumption 114.4 kW
Hydrogen efficiency 1.1 %
District heat efficiency 28.0 %
Total efficiency 99.1 %
PEM Cluster 5.1 MW:

No. Stacks 45 st
Connection Parallel -
Coupled Voltage 1403 'V
Coupled Current 3599 A

As presented in Table 11, the fuel stack size is smaller in comparison to the AEL stack, and requires more
electrolyzers to achieve the same capacity, though larger pieces exist and are not bound to this exact size.

PEMFC The approach to measuring fuel cell performance is similar to the AEL and PEM, achieving op-
timal conditions by investigating temperature and current density, though with the negative potential as a
penalty of decreased efficiency. Different temperatures are not presented, since PEM and PEMFC share the
same method of proton transportation, and thus have a similar effect on the cell. In addition, the operational
temperature is fixed to 70°C to fit the intermittent utilization of the fuel cell. In Figure 30 the potential and
power output of the PEMFC are shown.
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Figure 30: To the left, the potential difference over current density is shown for nominal temperature, and to

the right, the power output of current density

In this simulation, two configurations of oxygen supply were executed. The first configuration is with the supply
by an external 6-bar compressor to feed atmospheric air to the fuel cell, and the second configuration is the
re-circulation of oxygen derived from the electrolyzer. The result in Table 12 presents the fuel cell stack with

the second configuration.

Table 12: Fuel cell for Agir 1 platform, PEMFC stack, and cluster performance.

Parameter Value Unit
Massflow Input/output

Water output 18.7 kg/h
H, input 54 kg/h
02 input 13 kg/h
Power consumption

Utility total consumption (Og recirc.) 1.5 kW
Power output 98.1 kW
Hydrogen efficiency 55 %
PEMFC Cluster 3.7 MW:

No. Stacks 56 st
Connection Parallel/Series -
Coupled Voltage 2237 'V
Coupled Current 1674 A
Air excess ratio 1.05 -

The fuel cell performance is based on calculations with the configuration of the stack so it resembles commercially
available fuel cells (FCM400 and PGS100), which have an output capacity range from 0.015 - 0.325MW, and
a maximum coolant temperature of approximately 80 °C (2030, 2023) (Group, 2023). The air excess in the
fuel cell is detrimental to cell performance, but is necessary to achieve quick response times for the internal
reactions, which require higher ratios if atmospheric configurations are applied. The output voltage and current
of the cluster are specific to this setup, as stacks are connected 14 in series with 4 in parallel, that is altered to
fit battery properties.

5.1.2 Gasification plant models

When addressing the performance of gasification and steam reforming, the system output can primarily be
derived from the gasifier reactor fuel conversion efficiency. In Figure 31 the steam to biomass (S/B), temperature
and oxygen excess ratio can be observed according to simulation results. This representation does not assess
the air deficit for combustion.
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Figure 31: Result of general gasifier simulation. With the total product gas heating value presented on the
right, and the achieved output energy on the right

As observed in Figure 31 and 32 the oxygen excess ratio has little or no effect on product gas since the partial
oxidation process is completed to achieve a target temperature and is programmed not to combust any other
material beyond this point, giving a distorted output on the actual impact in real life application. In Figure
32 the Hy content of product gas is decreasing mainly because of the added steam, and is not representative of
dry gas content.
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Figure 32: Result of general gasifier simulation of H2 content in product gas(wet).

To modify the performance of the gasifier reactor, the residence time of particles has an impact on product gas
content since the reaction rate cannot if there is not enough time for the reaction to occur.

The time of reaction for the gas conversion, excluding solids, is commonly measured as the particle residence
time in freeboard space, and the gas molecules reform to reactant species such as Hs, CO, or CHy. The
conversion and time profile of the semi-kinetic calculations in the freeboard of the gasifier reactor is presented
in Figure 33. In this particular case, the steam-to-biomass or fuel ratio is exceeding the feasible amount and
should not be interpreted as applicable to all gasifiers. The freeboard temperature is set to a temperature 80 K
lower than the reactor bed temperature.
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Figure 33: Freeboard time profile for BFB gasifiers in Idun la and 1b.

To increase the reaction rate or residence time of particles, freeboard volume or reactor pressure can be increased.
The increase of volume induces a longer residence time for the particles, before exiting the gasifier. The internal
pressure of the gasifier does not actually increase residence time, but will rather increase the reaction rate, thus
it can be translated to longer residence time since the rate decreases the volume required to achieve an equal
amount of gas conversion. In Figure 34 the pressure and volumes impact on gas conversion time in freeboard
space is presented.
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Figure 34: Particle residence time impact, with height and pressure separate on the right, and combined impact
on time on the right.

In steam reforming, the performance is set by the catalyst material and recovery efficiency of the water gas
shift reactor. If hydrogen is not recovered, this can be cycled in order to be subjected to significant losses. To
measure the reactor performance and impact of pressure and temperature, the amount of time to reach the
recovery limit can be seen as an alternative indicator of catalyst effectiveness. In Figure 35, two catalysts for
water gas shift reactors utilized in calculation and their effect by temperature are presented.
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Figure 35: To the right, the results of the first high-temperature reactor and its effect on various parameters
are presented, with the secondary reactor to the left.

In order to determine the reaction time span, and if the reaction is within a rational range of operation,
an approximation of the conversion rate for the syngas leaving the cleaning stage in Idun la is presented in
Figure 36. This representation is not entirely correct since it shows a 5 times slower conversion time than of
experimental models found in literature, though the relative difference regarding affection by temperature and
pressure is still valid. Details about the reactor’s technical information are illustrated in Appendix 2.1.
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Figure 36: Modified Water gas shift reactor results from the theoretical model.(HT1)

In comparison to previous reaction rate, if the temperature and pressure are increased marginally, this results
in a shorter conversion time with pressure as the accelerating variable and temperature increase as a negative
by-product of the increased molecular pressure. Figure 37 shows an example of the case when increased pressure
is introduced, obtaining a slightly shorter time than the low-pressure example.

In order to reach optimal process condition to reduce cycling, the inlet syngas requires high pressure and stable
temperature stream not exceeding 323 °C. Please note that this result is component specific for validating
feasibility, and can be changed to fit with other catalysts in order to optimize the process model for real-life
applications.
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Figure 37: Modified Water gas shift reactor results from the theoretical model, with an increase in temperature
and pressure.(HT1)
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In the integration method of gasifier reactors, the performance of the boiler is analyzed to validate the feasibility
and hydrogen production efficiency. The exchange of energy-dense materials and heat between the gasifier and
boiler needs to be equal in order to function, otherwise, a higher amount of transferred energy from the gasifier
would benefit the boiler energy balance. The effect on boiler performance is the potential penalty in temperature
and energy transferred to the steam cycle since the bed material is circulated and utilized to heat gasifier fuel
to reactor temperature. The incineration of char and tar from the gasification process in the boiler combustion
chamber is then meant to counteract this energy and temperature penalty to not affect boiler efficiency. In
Figure 38 the composite curve of heat transfer for the boilers retrofitted with a gasifier is presented.
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Figure 38: Composite curve over the heat generation from the boilers after retrofitting the gasifiers to the system,

with the graph to the left representing the Idun la at Hogdalen(P6). To the left, Idun 2a implementation in
Brista(B1) is presented.

In this calculation, the FGR to achieve a target combustion temperature around 850 °C, is not calculated, thus
the output of the system is only required to match system output without an integrated gasifier. The difference
between nominal operation and integration in the simulation is negligible, as only a decrease of temperature and
slightly increased efficiency of boiler combustion are determined. Theoretical bed temperature reached is 1087.8
°C for boiler P6 and 1050.9 °C with integrated gasifier without FGR. These temperatures can be compared with
1142.6 °C and 1069.7 °C without integration and no FGR. Additional to the decrease of FGR, the air input to
the boiler is required to increase 10% for P6 and 2% for B1 to incinerate reject material from the gasification.
When implementing the gasifier, heat from the syngas cooling provides additional steam heating by increasing
the mass flow of the retrofitted steam cycle. The additional steam input from syngas cooling is constrained to
not be below steam cycle temperature and pressure. The initial settings of the steam cycle presented in Table
13 is then altered by the input of external steam input before the turbine generates additional electricity.

Table 13: Fixed parameters for the steam cycle model.

Parameter P6 | B1 | P3

Steam cycle max. Temperature (°C) | 480 | 540 | 377
Steam cycle max. Pressure (Bar) 40 | 144 | 34
Steam cycle max. mass flow (kg/s) | 32 | 50 2

DBFB [Idun 1la] The performance of hydrogen production by retrofitting existing boiler P6 with a gasifier
is presented in Table 14, as initial values are descriptive of the separate processes of gasification and hydrogen
production. The value connecting the performance of the boiler output is the char flux and represents the
minimum amount of heat recovered by char incineration. The nexus char transfer is required to exceed this
amount otherwise the simulation stops, thus the performance of the boiler will be affected by the heating of bed
material inside the gasifier. The result also includes the dimensions of the reactor, since the volume and mass
of bed material are related to conversion rate and fuel input.
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Table 14: Performance of proposed model Idun 1a.

Parameter Value Unit
MSW Fuel input 72 MW
Gasifying agent massflow 12.1  kg/s
Qbed / Minimum char flux 57 MW
Internal consumption:

Cleaning utility 0.3 MW
Compressors 54 MW
Subcooler and misc. 0.2 MW
Heat flow:

Recovered heat DH 33.1 MW
Hydrogen produced 28.3 MW
Efficiency:

Hydrogen efficiency 393 %
DH efficiency 46 %
Gasifier reactor dimensions:

Diameter-Bed @ 143 m
Height-Bed 6.2 m
Diameter-Freeboard & 22 m
Height-Freeboard 91 m
Bed material mass 1785 kg

To measure the performance of Idun la and Idun 1b, the boiler’s efficiency is required to be equivalent to or
higher than the current state. Presented in Tablel5 is the updated values for the CHP plant from the integration
of the gasifier system. Efficiencies include added char and tar rejection from gasification streams.

Table 15: Performance parameters, results retrofitted boiler P6 related to Idun 1la.

Parameter Value Unit
MSW Fuel input 91.3 MW
ST power output 28.2 MW
Internal power consumption:

Utility (Fans and SC pumps) 02 MW
Net power output 28 MW
Heat condensation recovery 26.3 MW
Electrical efficiency 279 %
District heating efficiency 922 %
Overall efficiency 1199 %

The combined output of the gasifier and boiler is presented in Table 16, additional to the overall performance
of heat and electricity is summarized.

Table 16: Performance parameters, based on the combined result of the gasifier and boiler-related to Idun 1la.

Parameter Value Unit
Total electrical efficiency 136 %
Total DH efficiency 76,8 %
Total overall efficiency 107,7 %

DBFB [Idun 1b] In the proposed integration model Idun 1b, similar conditions are applied as in the case of
Idun 1a, as Idun 1b has a smaller geometry in comparison to the previous model, due to space utilization issues
in the facility. The results of system performance are presented in Table 17. In the heat allocation within the
system, the heat deriving from gasification and downstream synthesis processing is utilized.
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Table 17: Performance of proposed model Idun 1b.

Parameter Value Unit
Biomass Fuel input 23,3 MW
Gasifying agent massflow 5.16 kg/s
Qved / Minimum char flux 3.1 MW
Internal consumption:

Cleaning utility 0.1 MW
Compressors 2.2 MW
Subcooler and misc. 0.1 MW
Heat flow:

Recovered heat DH 6.3 MW
Hydrogen produced 8.9 MW
Efficiency:

Hydrogen efficiency 383 %
DH efficiency 27 %
Gasifier reactor dimensions:

Diameter-Bed @ 0.8 m
Height-Bed 72 m
Diameter-Freeboard & 14 m
Height-Freeboard 7.8 m
Bed material mass 870 kg

The updated values for the CHP plant from the integration of the gasifier are presented in Table 18. The
efficiency of the CHP plant, in the case of Idun 1b and the case of Idun 1la, is near the current performance.
Please note that the efficiency does not break any thermodynamic laws, since the lower heating value is utilized
as a reference with the maximum recovery of flue gas condensation down to approximately 36 °C, which is a
common feature in Scandinavian CHP plants according to interview (Dahlen, 2023).

Table 18: Performance parameters, results retrofitted boiler B1, related to Idun 1b.

Parameter Value Unit
Biomass Fuel input 120 MW
ST power output 43.2 MW
Internal power consumption:

Utility (Fans and SC pumps) 0.1 MW
Net power output 43.1 MW
Heat condensation recovery 351 MW
Electrical efficiency 359 %
District heating efficiency 925 %
Overall efficiency 1285 %

In Table 19 the total performance of Idun 1b and Bl combined output is presented. The main difference
in performance compared to Idun la is the increased energy required to heat the bed impacting the overall
efficiency. The increase of required heating can be explained by the thermal capacity difference of fuel (MSW:
1.387 kJ /kg K - Grot: 2.3 kJ/kg K), non-linear dimensioning of the reactor and moisture content (BERNARDO
et al., 2012) (Radmanovi¢ et al., 2012).

Table 19: Performance parameters, based on the combined result of gasifier and boiler, related to Idun 1b.

Parameter Value Unit
Total electrical efficiency 284 %
Total DH efficiency 110.7 %
Total overall efficiency 116.5 %

Designing the process models, and the optimization of streams has an effect on the overall performance since,
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avoiding unnecessary heating and cooling equipment, the plant’s net electricity consumption is reduced. The
target of all process model designs is to achieve a process that is self-sustaining and in addition to utilize the
remaining excess heat for district heating applications. In Figure 39 there is a graphical representation of the
results after synoptic optimizing the streams with pinch analysis, including heating equipment. The integration
of Idun la and Idun 1b does not require any major heating equipment affecting energy balance significantly and
only utilizes external cooling utility for subcooling of compressed CO2 before expansion.
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Figure 39: Composite curve diagrams representing process streams after gasifier, not including subcooling of
separated CO2.

CFB The process model named Idun 2 is integrated with the current steam cycle related to boiler P3 and
district heating, replacing the entire boiler. During process modeling, it can be determined that the EF and FB
gasifier do not carry enough energy in the product gas to heat the existing steam cycle. The conditions presented
in Table 13 can not be satisfied, since the minimum mass flow of steam is not compatible with the available
heat. The only configuration relevant for replacing P3 is configuration Idun 2a, which can carry relatively more
significant amounts of energy due to the possibility of gasifying solid fuels with the addition of steam. In Table
20 the performance of Idun 2a stand-alone gasifier is presented, as an ASU is required for internally combusting
material supplying heat to handle and reach reactor temperature.
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Table 20: Performance of proposed model Idun 2a.

Parameter Value Unit
MSW Fuel input 45 MW
Steam massflow 1.7 kg/s
Oxygen mass flow (95% purity) 0.9 kg/s
Internal consumption:

Cleaning utility 0.2 MW
Compressors 0.8 MW
Heater 0.4 MW
Subcooler and misc. 0.2 MW
Cyclone 0.2 MW
ASU 0.7 MW
ST output 1.2 MW
Heat flow:

Recovered heat DH 23.2 MW
Hydrogen produced 16.8 MW
Efficiency:

Hydrogen efficiency 393 %
DH efficiency 51.6 %
Electrical efficiency 0 %
Overall efficiency 86 %
Gasifier reactor dimensions:

Diameter-Bed @ 1 m
Height-Bed 5 m
Diameter-Freeboard & 1.6 m
Height-Freeboard 72 m
Bed material mass 1050 kg

Since the product from gasification is not bound to heat steam for generation purposes, using instead chemically
latent energy, heat recovered from the gasification is not enough to create a net positive result for electricity
generation, though low-value heat is produced in excess and is possible to recover for district heating utilization.
In Figure 40 a composite curve diagram over the process flow streams is presented.
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Figure 40: Composite curve diagram for Idun 2a, not including subcooling of separated CO2.

EF In Idun 2b the gasification setup is made to be dry in order to incinerate and gasify at a relatively high rate.
This process also is assumed to require a higher flow of oxidizer material stream. In calculation, the dimensions
of the gasifier are not required thanks to the theoretical model for EF gasification.
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Table 21: Performance proposed model Idun 2b.

Parameter Value Unit
Biomass Fuel input 49.2 MW
Oxygen mass flow (95% purity) 1.6 kg/s
Internal consumption:

Cleaning utility 0.1 MW
Compressors 0.9 MW
ASU 1.4 MW
Pre-treatment of fuel 0.9 MW
Heater 0.8 MW
Subcooler and misc. 0.1 MW
Heat flow:

Recovered heat DH 225 MW
Total heat allocation 6.4 MW
Hydrogen produced 20.1 MW
Efficiency:

Hydrogen efficiency 409 %
DH efficiency 457 %
Electrical efficiency -85 %
Overall efficiency 781 %

Notable is that sub-cooler demand does not change linearly with the size of the process, and is affected by
pressure and temperature of incoming material stream, also including other consuming devices. "Miscellaneous"
in subcooling includes the cooling fan, control, and mechanical expansion of COy stream.

In Figure 41 the resulting composite curve after synoptic optimization of the process flow is presented. The
particular model requires heating units, that are included in the presented diagram.
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Figure 41: Composite curve diagram for Idun 2b, not including subcooling of separated CO2.

FB Idun 2c is the Fixed Bed gasifier configuration and is limited by size. The 9.9 MW gasification reactor
is equivalent in size to the previous gasifiers and is not receptive to installations exceeding this amount, thus
efficient utilization of space is not possible. The result from the simulation is presented in Table 22. With the
low-kinetic theoretical model, reactor bed height can be gathered from calculations.
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Table 22: Performance proposed model Idun 2c.

Parameter Value Unit
MSW Fuel input 9,9 MW
Oxygen mass flow (95% purity) 0.2 kg/s
Internal consumption:

Cleaning utility 0.2 MW
Compressors 0.6 MW
ASU 0.2 MW
Subcooler and misc. 0 MW
Heat flow:

Recovered heat DH 5 MW
Total heat allocation 0.3 MW
Hydrogen produced 4.2 MW
Efficiency:

Hydrogen efficiency 429 %
DH efficiency 509 %
Electrical efficiency -10.1 %
Overall efficiency 83.7 %

Gasifier reactor dimensions:
Height-Bed min. 4.5 m

Figure 42 presenst the composite curve for Idun 2c process model. In this configuration, large pressure equipment
is required for synthesis applications and conditioning before entering the WGS reactor step. Heating units are
included in the composite curve diagram.
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Figure 42: Composite curve diagram for Idun 2c, not including subcooling of separated CO2.

With the introduction of heaters and cooler units, the low-temperature heat derived from the downstream pro-
cess can be recovered for district heating purposes.

From this point, analytic utilizing Idun 2b and 2c¢ will be limited, because of the lack of competitiveness
from a technological performance standpoint.

5.2 Benchmarking

In this section, the economic performance and measurement of product opportunities are identified and pre-
sented. Additionally, results with relevance for investment or other information that can be applied to strategic
planning integrating the proposed models for hydrogen production are listed in sub-sections. The intricacy of
storage and supply of products is analyzed, and availability is relevant to determining possible strengths or
weaknesses regarding the system feasibility of integration.
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5.2.1 Economical performance

In order to evaluate the economic performance of the proposed models, a market study of the consumption,
delivery, and utilization of other services is introduced. The difference between the gasifier- and electrolysis-
based production systems is the consumption of product. When measuring the economical performance of
gasification-based systems, the price volatility of solid fuel is the key factor in the same way as the price of
electricity for electrolysis-based production. The price for solid fuel is evaluated in Appendix 1.6, and the
spot price of electricity with support service pricing is continuously discussed throughout the current and the
following sections.

The Agir 1 platform utilizes the spot price to produce hydrogen via electrolyzer and produce electricity from
stored gas via the fuel cell. The electrolyzer activates when the spot price is under a set threshold, while the
fuel cell activates when over a set threshold. In Figure 43 the activation of each technology can be observed
over the year 2022, as accumulated hours in the active production set define the annual production.
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Figure 43: The left diagram represents the electrolyzer activity, and to the right, fuel cell activity for the year
2022.

To calculate the cash flows of Agir 1 the benchmark script is required. The result is generated by the input
of historical data for electricity prices and support services from previous years, which are then acclimated to
the algorithm to output the economic result of investigated plant. In the algorithm, initial activation of the
electrolyzer is accounted for in terms of internal ramping, which renders the electrolyzer less efficient during
Cold start than in continuous activation. A graphical representation of the internal ramping effect on the AEL
electrolyzer efficiency is observed in Figure 44, which normalizes to Load = 1 after a preset internal ramping
time. The amount of production hours is calculated with the incorporation of support service consumption and
production, as the accumulated activation time for the electrolyzer is 3682 hours 1250 seconds and 3646 h 2569
seconds for the fuel cell during the year 2022. The result of activation time is executed with the presumption
of storage flexibility, which is the basic configuration of this plant and is explained further in Section 5.2.2.
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Figure 44: In the diagram to the right, the overpotential of the electrolyzer stack is presented, and the load
= 1 is the nominal target that is reached after a specific time. To the left, the total efficiency of the stack is
presented

Notable is that activation time for both PEM and AEL is equal to each other, as production efficiency with full
load production hours is the main difference between the techniques. In the case of utilizing PEM, the annual
production efficiency of hydrogen production is dependent on internal ramping and is calculated to be 99.11%
during the year 2022, while it is 97.68%, for the AEL.
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Production of oxygen as a by-product is specific for electrolysis and follows a similar pattern of hydrogen
production. In calculations, the oxygen produced by the electrolyzer is utilized in the adjacent CHP in order to
minimize the operation costs of CCS and fuel consumption, in addition to generating income based on savings
from fuel utilization. The excess oxygen is also used in fuel cells for controlling efficient operation. The value of
the oxygen for utilization in KVV8 is estimated approximately to 0.9 SEK /kg according to Appendix 2.3.4. In
Figure 45 the annual excess supply of oxygen is presented after utilization in fuel cell operation and a constant
supply of 86 kg/h to KVVS8 from the AEL electrolyzer.
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Figure 45: Annual excess supply of oxygen produced from Agir 1 (AEL)

In the benchmark of all hydrogen production, the byproduct of heat is also accounted for in combination with
annual activity. The byproduct of all hydrogen production is district heating, assuming that output temper-
atures ranging from 70-120 °C of all mass flows are considered valuable for district heating applications. The
annual supply from each plant is presented in Figure 46 and 47.

Thermal ramping efficiency of 90% is added to the district heating output of Agir 1 plant, in addition to the
internal ramping efficiency rendering additional penalties for this system in comparison to the gasifier plants, as
no lagging or internal ramping is accounted for. The gasification-based plants have, instead of internal ramping,
a seasonal production rate, as the plant is operating at 90% capacity or is shut down completely during periods
of low or no district heating demand. This production rate is also applied to hydrogen and electricity production.
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Figure 46: In the left diagram, the annual output of DH from electrolyzer activation in Agir 1 is presented, and
in the right diagram, the output of DH from Idun la is presented.

In Figure 46 and 47 the interval between the hours 3000 to 7000 shows a value of district heating equal to 0, i.e.
it is assumed that there is no demand for district heating when outside temperature is above 10 degrees, and
no income is generated by district heating. Idun la or 1b are interconnected to boilers, that are constrained
to the primary product of district heating, rendering the amount of active hours during the year lower than
stand-alone systems.
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Figure 47: In the left diagram, the annual output of DH from Idun 1b respectively Idun 2a to the right.

Activity results from Idun 2b and 2c are not graphically represented since the curve will have a similar appear-
ance to the district heating supply of 2a and share the same active time of 8520 h annually, with approximately
4600 hours supplying valuable district heating.

In Table 23 the summation of economic operation cost and investment for the different proposed models is
presented. Calculating the economic performance includes taxes, net provider fees, and other costs related to
the operation. A list of the values utilized and other related economical parameters can be located in Appendix
1.4. Figures representing the response activation for support services are presented in Appendix 1.1.

Table 23: List of Capital investment cost and operational expenditures based on the facility.

Parameter Idun 1a  Idun 1b Idun 2a Idun 2b Idun 2c Agir 1 (AEL) Agir 1 (PEM) Unit

CAPEX 958.7  463.7 628.4 1505.4 3027 131.6 137.6 MSEK
OPEX -99.9 33 -38.7 112 -3.6 12.5 12.6 MSEK

The OPEX for Idun 1la, 2a, and 2c is negative because income from handling MSW exceeds the cost of other
operational expenses. In Table 24 the final indicators of economic performance are presented, accounting tax.
Income from byproducts and hydrogen production is included, as the price of hydrogen is fixed at 30 SEK /kg.
Additional income from support services is also included for the Agir 1 platform. The included support services
are: FFR-up, FCR-D-up, aFRR-up, mFRR-up, aFRR-down, and mFRR-down, excluding FCR-N and FCR-
D(down) due to lack of data.

Table 24: List of economical performance indicators based on facility, including construction time for NPV and
IRR.

Parameter Idun 1la Idun 1b Idun 2a Idun 2b Idun 2¢ Agir 1 (AEL) Agir 1 (PEM) Unit

PBT 1.9 7.2 1.5 8.4 5.1 1.5 1.6 Years
NPV 5831.1 356.3 4087.6  731.6 281.8 6674 655.7 MSEK
IRR 50 16 53 14 19 48 47 %

Please note that certificates are not included, since the certificate system from renewable energy is under
liquidation. From 2022 onward new power plants will not be entitled to the benefits of certificate income,
Power-to-gas-to-power (PtGtP) is not affected by this factor since it is not eligible for certificates prior to the
transition. It is also worth noting that NPV for Agir 1 includes the replacement of electrolyzer components,
which occurs after lifetime expectancy is reached.

This result only presents the standard operation of the electrolyzer, and other alternatives that are consid-

ered relevant, are instigated in Section 1.7.2. Additional results, such as subsidies or other factors that can alter
the economic feasibility are included and are presented in Section 1.7.

5.2.2 Storage and Supply

The benchmark script is designed so the initial amount of hydrogen at the beginning of the year should be equal
to the amount stored at the end of the year, and so that it does not reach a state of deficit in the storage. This
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balancing is done semi-automatically and requires a threshold of hydrogen production and GtP production.
In Figure 48 the accumulation of hydrogen is presented, after activation of balancing, PtG, and basic sale of
hydrogen to fuel stations. If support service trade is active, the storage is also required to always have at least
109.85 kg in reserve to uphold reserve responsibility of 1 MW during 1-hour continuous operation. The amount
required varies among services and is considered when balancing storage.
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Figure 48: Dynamic storage is presented in the left diagram, respectively balanced storage to the right, for Agir
1 during 2022. The orange line indicates the initial capacity of hydrogen in its current state(30 bar) in a 35000
cubic tank.

In the case presented, overshooting of the storage initial limit is allowed. If balancing is introduced to this
and no overshooting is allowed, the penalty can be significant to the economic feasibility, when down-regulation
of GtP activation can negatively impact the revenue of cash flow to approximately 19-36% and 14.5% of in-
come generated from sold hydrogen, since production of hydrogen is limited. The majority of income is based
on sold power during peak demand hours, this has an overall effect of net income reduction of up to 17% if
balanced. Figure 48 graphically represent the balanced storage when minor overshooting is allowed, in order
to fit the algorithm computation method, and has negligible effect on plant economy. The mentioned case of
both balanced and overshooting is applied to the year 2022, deviations may occur based on the year of interest.
The daily consumption is set to dispatch hydrogen to the fuel station 12 hours a day during the daytime, this
volatility has no considerable effect on the current configuration but can be optimized with storage if the fuel
cell is eliminated. In 1.7.2 alternative production methods are shown to have an effect on the required storage
capacity in the electrolyzer platform Agir 1.

Storage of hydrogen produced by gasification is not applied in this study, thus the hydrogen is assumed to
enter the distribution chain directly. The supply of hydrogen can be directly connected to the activity of the
gasifier in a distribution network. Annual activity of proposed gasification plants that produce hydrogen are
presented in Figure 49 and 50. In Idun la, approximately 853.2 kg/h of hydrogen is produced during the 7954
hours when the plant is active. In the Idun 1b plant the flow is 252 kg/h during the 4640 hours when the gasifier
is operational.
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Figure 49: Left diagram presents annual load over time for gasifier Idun 1la, respectively Idun 1b to right. The
activation and hydrogen production is directly synchronized.

The amount of hydrogen delivered to the distribution network for plant Idun 2a is 504 kg/h during peak loads,
or 1080 kg/h during partial loads, and is supplied 8520 hours annually. The time, when the gasifier is not
operational, is selected as an assumption of required maintenance hours. Idun la and 1b share maintenance
hours with the connected boiler, based on data from previous operations.
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Figure 50: Diagram presenting the annual load of Idun 2a, as the production of hydrogen is directly synchronized.

To quantify mass flow, the Tables in 5.1 present the output of 100% load. The factor to convert energy to
mass flow is 120 MJ /kg, which is the lower heating value of hydrogen. The amount of hours with hydrogen
supply for Idun 1la is 6818, 4631 for Idun 1b, and 8520 hours for Idun 2a. Combined annual production of all
gasifier systems reaches peak mass flow at 1672.7 kg/h whereas minimum mass flow is 0 kg/h. Minimum system
production can be counteracted with the selection of maintenance hours for Idun 2a and updated minimum
results in 504 kg/h.

5.2.3 Reliability

When implementing a new system on a large scale level supplying products on an inconsistent basis during the
year, it is suitable to quantify the probability of production flows in order to estimate the system’s reliability. In
this particular case, district heating and hydrogen are the main products from the plants that are essential for
sustaining infrastructure, climate, and overall health for customers. In Table 25, the capacity and availability
¢ are described for each facility producing hydrogen and district heating.

Table 25: Availability annually for all proposed plant models with data from 2022.

Facility | (5,(100%) | (pu(100%) | CH,(90%) | CH,(90%) | Cu,(Off) | (pm(Off)
1

Idun 1a 95.3 99 N/A N/A 47

Idun 1b 52.8 94.35 N/A N/A 472 5.7
Idun 2a 56.9 99 40.1 0 3 1
Kgir 1 41.9 46.4 N/A N/A 58.1 53.6

The assumption is made that district heating availability is only based on activation during the period when
demand exists. The interval length of this period is approximately 4000 to 4600 consecutive hours annually
and is based on the amount of time as district heating reaches a certain value. Base case AEL is utilized as
the capacity source from Agir 1, though calculations are made with a PEM electrolyzer. The factor of 1.099
can be used on the delivery of hydrogen to create similar results for the PEM-based platform, since it has a
slightly increased production during internal ramping, thus longer availability of full production. Regarding the
oversize case Agir 2 platform, a similar method can be applied to achieve proportional output for the plant.
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Figure 51: Reliability of hydrogen production with the probability of different total capacities. Red and blue
colors indicate mature respectively non-mature technology.

Note that the platform of Agir 1 is behaving differently depending on the year since the production of hydrogen
is directly dependent on the electricity market. In appendix 1.0.1 a list of reliability key numbers is presented
for historical values.
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Figure 52: Diagrams presented show the output of hydrogen over time, with mature only technology (Stand
alone gasifier Idun 2a and Electrolysis) to the left, and all investigated plants (excluding Idun 2b and 2c) to the
right.
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Figure 53: Reliability of district heating supply during demand season, as red and blue colors indicate mature
respectively non-mature technology.

The information used for the reliability analysis can be found in Appendix 1.0.1, and different operation scenarios
are presented.
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Figure 54: Diagrams presented show the output of district heating over time, with mature-only technology
(Stand alone gasifier Idun 2a and Electrolysis) to the left, and all investigated plants to the right. The output
during times when district heating obtains no value is not presented in diagrams.

The values presented only represent the probability of specific capacity output and not the probability of ex-
ceeding a given production capacity. In the case of cumulative capacity, the probability of non-zero hydrogen
production is 99.37% for all plants combined and 98.7% for the combination of mature technology. The proba-
bility of supplying over 13.3 MW (400 kg/h) is 79.54% annually for mature technology, and 90.85% combined.
Supplying over 50 MW (1500 kg/h) of hydrogen is only applied to the case of all plants combined, and is
available 40.39% of the time.

5.2.4 Alternative operation Agir 1

Due to the volatility of electrolyzer plant results depending on external factors, this segment will explore alter-
native configurations of the plant and other external factors affecting the economical feasibility and performance
of the plant. Synopsis from the case study for each operation is presented in Appendix 1.7.2, with the results
from benchmarking in 26.

Table 26: Varying economic performance indicators based on the operation mode of Agir 1.

Operation PPA PPA* PPA, no FC Oversize Sleep mode Unit
PBT 1.7 1.8 1.5 1.9 1.5 Years
NPV 403.9 3225 156.5 661.2 602.3 MSEK
IRR 34.7 30 28 37 45 %

The name is based on the modified technical aspects in the platform, e.g. PPA stands for fixed electricity price
determined by a PPA contract. Changing the technical configuration of the plant or fixing the price will change
the results to various degree, depending on the mode of operation.
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6 Discussion

In this section method, technical aspects, and economy will be discussed, regarding both results and other
information connected to the study of hydrogen integration in Stockholm.

6.1 Method

The reasoning behind the utilization of mathematical programming to calculate the process flows and chemical
reactions is that complex kinetics and processes can be freely expanded. Using code in Matlab to compute mass
and energy balance and chemical reactions is also estimated to be able to cut computation time as iterations
can be designed to fit the process.

The main argument for applying different theoretical complexity for gasifier calculation is to utilize simpler
modeling for processes that are too complex in order to simulate the reactions properly, thus generating the
best results. In the BFB geometric consideration is required since it is utilized in proximity to existing equipment
and thus is constrained by available space in the plant. In the calculation of the potential for electrolyzers and
fuel cell, the factors that are most significant for the potential difference specific to the technology is accounted
for. For example, calculating the bubbling factor or diffusivity in all technologies would be excessive, so it is
limited to only AEL because the physical impact from other trivial variables is more significant for the PEM
or PEMFC. Dynamics in models with the use of numerical simulation is the most common method of approach
in combination with verification of experimental results to determine the performance of all the technologies
(Ramos et al., 2019). It can be concluded that, comparing the results of other methods the difference is
insignificant in relation to economic results, even if the applied physical theory differentiates between the
models. Uncertainties regarding residential behavior of char occurrence can be determined through literature,
(Lewin et al., 2020) in FB and (Ramos et al., 2019) in BFB. Bed dynamics for non-bed-based technologies (EF)
are not considered.

Please note that, in mass and energy balances and system output, the LHV of hydrogen is utilized.

6.2 Technical aspects

Regarding subject to technical performance and feasibility of proposed models, most of the uncertainty lies in
the application of integrating a gasifier to an existing boiler. The integration requires that the boiler incinerates
enough solid fuels enabling the combustion of char and tar rejected from gasification, which will heat the quartz
bed. It could be argued whether the incineration of the reject will impact the boiler negatively or positively, as
the reject could lead to higher combustion temperature or leaner incineration. The risk of sintering could also
increase with the rise of tar and char content in bed material, as the active surface of bed material decreases.
The solution to counteract some of these issues is by utilizing the HsS rejected from cleaning of syngas in
order to stop corrosive and other negative impacts on the superheated package inside the boiler. Increasing bed
volume and riser height can be a solution for the possible impact on the particle active surface inside the boiler.

In all gasifier models, the resident profile of char, tar, and other reactions, are in the theory located on different
levels of the gasifier through consensus of previous examples, when the reactor concentration profile is calculated
through the Eulerian method with computational fluid dynamics Wu et al., 2018. In the dual fluidized bed, the
behavior of particle flows and concentration profile is concluded with the same approach H. Liu et al., 2015,
enabling the assumption of not reaching particle overflow between the combustion chamber and gasifier. It is
also shown that cyclone operation may not be required for the DFB gasifier.

In regards to geometry, the difference between the BFB and FB is that the FB results in a larger geome-
try in order to increase active surface or height, which leads to sufficient residence time, when simulating the
same mass of syngas exiting the gasifier as in the other models. The behavior of non-symmetric devolatilization
and heat distribution renders the calculation of geometry, required in terms of volume, difficult in comparison to
the BFB gasifier as symmetric conditions can be assumed in the bed. This makes the application of a numerical
model based on height more reliable, but still not as reliable compared to the FB or EF calculation. Addressing
proper diffusivity models accounts for bed gasification only utilizing CO/COy and H20/Hs due to avoiding
unnecessary complexity and somewhat accurate model output. To compensate for all the uncertainties of the
gasifier-based system, conservative calculations are applied, and lower efficiencies, enhanced conversion to inert
molecules in purification, together with separation generate an overall minimum technical performance of the
system.

In retrospect, utilizing the method in Appendix 1.4 could have given a slight error in the gasifier geometry of
MSW, as a longer residence time could have been set to ensure appropriate modeling for drying, devolatilization,
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and char burnout. Oxygen concentration affects the bed temperature distribution and decreases the superficial
velocity in the bed, in the normal calculation, of bed connection to dispersion coefficient, and thus was set a
minimum to match the concentration of 40% oxygen flow rate in gasifying agent mix. According to this, this
would not be a correct usage in the integrated gasifier, thus modification was made to replicate the steam partial
fluidization agent for the gasifier reactor. It should also be stated that the scale-up method, utilizing a reference
gasifier, has deviation in bed mass and fuel, which also can increase the uncertainty of the model related to
internal drag and flow calculations.

The formation of CH, during gasification could be used for steam reforming, rather than being combusted,
as done in the current configuration. Please note that the process does not have enough CH, for steam re-
forming via the ATR process, albeit the process would consume too much of the C'Hy to heat steam while
simultaneously being resource efficient. In the separation of CHy and CO, there is an uncertainty of recovery
rate and area usage, since membrane techniques can be quite large in comparison to alternative separation
methods. The question is if the membrane technology can be seen as a viable alternative to cut power loss of
operation. In the integrated gasifier system, it is calculated that the available H5S used for boiler application
results in reject mass flows less than 6.3 g/s for Idun 1b and 157.5 g/s for Idun la. The estimated reject flow
from other gasifiers follows the same proportion dependent on fuel composition and solid fuel consumption.
Chemical products that are not considered in the calculation are N from ASU, as the rejected Ny from Idun
2a results in 2270 g/s. The Ns could be of use if chemical products in the form of HCN could be utilized to
regulate any in-house boiler that has integrated gasification or ammonia production, though the utilization has
not been researched enough to give any specific estimation of system effects. In regards to chemical purifica-
tion, the assumption is made that C'Os is purified from the resident contaminants to a certain degree. Further
research is needed to determine the penalty of COs purification. The final product is calculated in order to
reach a transportable state at 15 bar and -25 °C with no account of contaminants.

Emphasis should be made that heat exchange and optimization between streams is required since catalytic
processes are sensitive to temperature, and just cooling the stream would jeopardize the technical or economical
feasibility of the facility. Please note that increasing temperature in downstream applications from the gasifier
can have negative effects on catalyst conversion rate, though this is applied to the synthesizing of product gas
(WGS reactor) at medium to low-temperature water gas shifting in all models.

In this thesis the assumption is made that grid can be supported by existing batteries as a capacitor, though
it is proven in the literature that sells of base power are possible if a transformer and frequency controller is
added (Um et al., 2000). The phase and frequency are adjusted to fit the grid through the batteries, consecutive
time lagging will not affect the delivery of power significantly if distributed through lithium-ion batteries that
last longer and will be able to catch up when large volumes are required for extensive time, (Alshehri et al., 2019).

Integrating a heat pump to increase output temperature from electrolyzers is excluded in this thesis because
integration is too expensive in an over-complicate system for the investigated scale of facility (Kalmykov et al.,
2022) (F. Jonsson & Miljanovic, 2022).

Regarding by-products of electrolysis, the maximum temperature of cooling water depends on membrane dura-
bility. Changing materials of the membrane may increase resistance to temperature change several degrees
higher than the current configuration. It should be noted that the output temperature of the water could be
lower in actual application depending on whether an additional HEX cycle is required, and by the equipment’s
sensitivity to fluctuating cooling temperature. In the outtake of sensible heat in the electrolyzer platform, it is
assumed that cooling of gas between compressing stages can be made without cooling of the actual compressor,
or if the compressor cooling circuit can be configured freely within reasonable temperatures. In this thesis, the
evaluation of the system applies the condition that the heat recovered from the fuel cell in Agir 1 platform has
insufficient potential for district heating distribution due to intermittent utilization and relatively low operating
temperatures.

In the computation of oxyfuel, the model was verified by comparing the operation and flows of the actual
plant. According to simulation results, all flows in normal operation with flue gas recycling, have an overall
error of 99.5% compared to the real plant. The flows calculated are the flue gas, flue gas re-circulation, inlet
air, solid fuel, and steam cycle flows. Regarding the FCR the condensate level is constrained and held to 5.3%
according to literature (Gustafsson et al., 2021) complementing the supplied data surrounding the boiler.

It should be noted that retrofitting oxyfuel to the facility with connection to CCS requires the proportional
dimensions of the adsorber and desorber to achieve the optimal result. For this particular case, the main com-
pressor work can be lowered by 40%, meaning 60% of its original value. In order for the lower volume of gas to
be processed in the stripper, a lower pressure can be set to achieve full contact with the solvent film. Loading
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and concentration are also factors to be considered when accelerating the process. In retrospect, the saving from
the amount of COs for the process should have been measured, since the significant increase of partial pressure
for the C'O5 can result in a better uptake, thus a more efficient process. Parallel coupling of two compressors,
instead of installing one compressor, can have benefits when varying the mass flow and increasing the mass flow
tolerance. External factors, such as FGR fan and inner wall structure, are not required to be adapted for this
boiler assuming that the oxygen in inlet air does not exceed 43% in oxyfuel application. In addition to further
investigating the properties of oxyfuel combustion in retrofit application with an intermittent feed of oxygen,
the time transition between a steady state in the boiler from air to oxygen enhancement should be considered.
Planning the release of oxygen or installing an accumulator tank is preferred to make the boiler combustion and
power control as efficient as possible since an uneven run of the boiler decreases the efficiency. The transition to
a steady state can approximately take up to 30 minutes, although reverting to the original run is much faster.
This, of course, depends on the boiler and technical potential for adaptation to the plant. (Jia et al., 2013).

6.3 Economic feasibility

Regarding the economy of gasifier plants using MSW, it can be observed that the cash flows are robust compared
to other production methods. For example, if the income from COs is removed from Idun la, the NPV will be
3458.4 MSEK with an IRR of 37%, still giving a positive result. If removing income from both CO, and district
heating, an NPV of 1885.3 MSEK with an IRR of 26% is obtained. This economic robustness can be derived
from continuous income during the year from hydrogen, chemically fixing the price to the price of hydrogen
during all periods of the year, combined with income from MSW disposal. The economic robustness of such an
investment could arguably be higher than a normal CHP plant, as seasons and electricity prices determine the
economic robustness. Observing the case of Idun 1b, it can be concluded that the economic stability depends
mostly on fuel pricing, and if removing income from C'Oy the plant NPV will be -217.7 MSEK with an IRR of
0%, only having a positive return of 7% counting with a margined discount. The economical savings of fuel and
other benefits from the integration of the gasifier with the boiler are not accounted for in the plant cash flow
calculation.

It can be observed from economic results that the NPV is high for the CAPEX-intensive plants. This is
because of the relatively large cash flows that generate more extreme values for the plants. In comparing the
profitability between low and high CAPEX plants, the IRR is a more suitable benchmark, since it calculates
the maximum possibility of return. A factor affecting the NPV is how the cash flow is calculated, and that can
differ depending on the method. When calculating the cash flow the construction years have a negative value,
since there is no income. In this calculation, the presumption is made that the cash flow during the initial
construction is the CAPEX divided by the number of years with no income. If the cash flow is not divided this
has a major impact on the return rate, since it in all cases is decreasing to slightly under 50% of its original
value and NPV decreases with around 20%.

In the tables presented in Appendix 1.4, it can be observed that the indirect cost added to equipment is lower,
this is explained by the lower implementation and construction site cost for gasifiers, since permits and structure
exist, due to the gasifier either replacing a boiler or integrated without requiring any expansion of the plant
itself. The cost of labor, steam piping, and to some extent, related machinery is also reduced for a retrofit in an
existing facility. Reinvestment costs are only accounted for in Agir 1 and are assumed to be 30% of the initial
CAPEX, though it is estimated to occur only once in the 25-year period. Observing the result with or without
the reinvestment of the electrolyzer, the effect on performance indicators is low.

The economy of each plant is activity-based, thus increased active hours generate more profit for the invest-
ment. This means that the integrated gasifiers that are connected to boilers that have more available time will
result in better financial output, and for the electrolyzer platform the spot price and activity threshold set the
activity for the plant, thus it depends on external factors. In the case of stand-alone gasifiers, the activity can
be scheduled and configured to generate the highest possible profit for the plant, since it is not affected by the
volatility of the electric market or boiler activity.

Addressing economic feasibility, a way of benchmarking is increasing the CAPEX extreme values, pushing the
financial aspect to its limit. When increasing the plant CAPEX to 4 times its original value, the plants still
generating positive results are Agir 1 in normal operation, Idun 2a, and Idun la. Comparing the gasifier tech-
nologies it can be concluded that Idun 2a is the most profitable and cost-efficient alternative, while Agir 1,
consisting of AEL electrolyzer and PEM fuel cell, is the most cost-efficient option. For the Agir 1 platform, the
alternative configuration is less cost-efficient, with the sleep mode configuration as the second most profitable
followed by the oversize, though it should be noted that the configuration without fuel cell and PPA contract,
results in a competitive payback time yet with less IRR and NPV compared to the other alternatives.

Uncertainty of income for the Agir 1 plant can be connected to the income of support services. For exam-
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ple, the aFRR exponentially increases and has a potential income differential of approximately 20 million SEK
during the years 2021 to 2022. Utilizing results from 2022 could overestimate economic performance, thus
utilizing an average is more suitable for actual calculations alternatively following the market analysis in Ap-
pendix 1.2. According to the study investigating the risk connected to the volatility of capacity and energy
prices in appendix 1.3, it seems that there is no sign of significant influence as the demand for reserve will rise.
The projected cases all promote an overall increase of compensation, even in case of low prices the demanded
volume will still rise and thus the amount of auctioned volumes. The increased amount of auctioned hours will
increase income from obtaining available reserves. Please note that local reserves probably will be more efficient
than connecting to stem-grid, due to preventing time lag for reserve. This effect on price is most probably
negligible, but still notable. Also, it should be noted that Case 2 in the forecast is based on that the spot price
market will decrease due to renewables, but with the benefit of instead increasing compensation, which causes
investment in balance reserve economically favorable even though OPEX is high. To conclude, the result from
alternating the cash flows based on projection is presented in Table B16, as all forecasts indicate positive values
for the plant economy. This result also shows that the uncertainty of the market and volatility of forecast cases
create economically beneficial balances for the plant. When implemented in a real case scenario, the possibility
of not winning all the bids should be accounted for, especially if the competitors in the market of reserves expand.

PPAs are contracts written by power producers that alternatively offer renewable energy at a fixed price so
that the customer can take benefit of securing electricity price in addition to controlling and cutting their im-
pact on realized emissions. In the case of electrofuels, there are plans to have several tax-related benefits within
the EU if the electricity used can be traced with PPA or other methods. Depending on which tax reductions can
be made, this will have significance to the plant economy. At the time of writing, the energy tax was increased
from 36 to 45 SEK/MWHh, but considering the result of sensitivity analysis, this increase will have no significant
effect on plant economy, still making the normal operation the most cost-effective configuration of the Agir 1
plants. The overall effect on tax is suppressed, since the assumption is made that no tax is applied to income
from the balancing services and basic sale of power, since power sold back to the grid fall under the legislation
of energy storage. The income from oxygen is not taxable either, since it is utilized internally to boost the
efficiency of KVV8 and BECCS process.

In alternative operation when the Agir 1 platform consists of both fuel cell and PPA pricing, there is a possi-
bility of utilizing the fuel cell without base sell of Gas-to-Power application, thus only offering balancing with
support services. With this configuration, it can be observed that only utilizing the fuel cell for support services
will not alter storage significantly, since the total annual activation time is approximately 10 hours and 1080
seconds during the year 2022. A graphical representation of the simulation is given in Appendix 1.7.2; and the
required volume of an 800 m3 silo is enough to handle the maximum capacity at 30 bar. At the current price
of storage and fuel cell, it is the least economical solution since the fuel cell can not be utilized to its fullest,
causing its investment to be ineffective as the other alternatives. Both configurations not selling base power
can have other beneficial usages, as they can regulate storage at overproduction of hydrogen and also work as
a backup generator, increasing its functional value. Change in PPA price also has a significant impact on how
competitive the operations are in comparison to normal operation, and the plant economy changes as described
in Table B15 depending on agreed pricing.

All alternative operations are more profitable in proportion to economic recession, except the one with PPA and
no fuel cell. Without a fuel cell, the system also is more sensitive to change according to analysis, so fixing the
operational costs is essential for the economical feasibility of the configuration. The alternative has the lowest
documented IRR of all alternatives, but still with a relatively low PBT, which indicates that the configuration
can be seen as more stable but less profitable in the long run as NPV diminishes in proportion to the other
alternatives.

6.4 Strategic analysis

Due to the relatively high mass flow of hydrogen originating from gasifiers, conventional storage is not a suitable
option. The alternative to handle large-scale production is by utilization of sealed caverns or direct distribution.
Since the utilization of cavern spaces are an arguable alternative for implementation in a city environment, the
method of direct distribution is a more secure method of approach. To implement a large-scale market of
hydrogen, intercity distribution with pipeline should be considered due to the low cost of transportation and
preventing supply bottlenecks in terms of traffic. Because of the current transition, international trade can be
executed by shipping to for example Germany and Japan, as upcoming demand increases by the day (Bloomberg,
2020).

In this study, there is no account for legislation and permits for hydrogen storage, nor costs related to imple-
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mentation surrounding storage. Even though the storage aspect is uncertain, the overall reasoning has been
made that the space is finite and should not be allocated on a large scale at Vartahamnen due to explosion
hazards.

Through calculating the reliability of annual hydrogen and district heating production found in Appendix
1.0.1, the mature technology is able to supply district heating at least 97% of the time required, and 45% of
the time at full capacity. Of course, since the Idun 2a operates interdependently, supply can be secured 100%
of the time if maintenance is scheduled appropriately. In regards to district heating supply from the mix of all
technologies, the supply can be secured for almost 100% of the time, of which 44% at full capacity. The same
pattern of availability can be transferred to hydrogen production, but with a larger distribution during the year,
since it assumed that availability of district heating is 0 when there is no demand. The mix of all technologies
will make the hydrogen supply of the system volatile during the summer period, due to shut down of boilers,
thus making the hydrogen supply less stable for the integrated gasifiers.

Opportunities of producing hydrogen at Vartahamnen with the plans of building CCS are increasing the relia-
bility of the storage for carbon capture. If transportation of compressed carbon dioxide is scarce, hydrogen and
carbon dioxide synthesis could act as a temporary solution thus ensuring a stable capture rate from the plant.
The synthesis will create methanol, a common grade chemical that is easier to dispose of and sells than carbon
dioxide, and, though the reaction requires energy to start, it could still be beneficial to be not entirely dependent
on external factors. Moreover, the value of utilizing oxygen for oxyfuel purposes in KVV8 can be seen as a
valuable asset, as the option of utilizing oxygen for fuel cell applications can be questionable. The benefits of
recirculating oxygen to fuel cell is uncertain, thus the value of lowered nitrogen dilution is not accounted for in
this thesis. Promoting hydrogen and CCS production as sustainable due to oxygen utilization is an additional
argument in order to apply for grants supporting the initial investment.

Producing hydrogen proximate to existing CHP with a gas turbine could also open the potential for increasing
the capacity or energy compensation, due to increased maximum output, meaning a gas turbine can increase
the volume of delivered momentary power to the grid. Combustion utilization also has other benefits, e.g.,
better control of incineration properties and lower emissions, though with the drawback of higher internal tem-
peratures in blade connection. Also, utilizing gas turbines for support service purposes is limited to services
allowing longer response times in comparison to fuel cells or batteries.

Regarding the application of an electrolyzer and fuel cell, it is recommended to install a fuel cell with less
capacity than the electrolyzer to prevent hydrogen storage from being depleted due to over-consumption. Over-
sizing the fuel cell in general also risks that the installed capacity is excessive in proportion to balance volume
demand, thus the dimension was set to <4 MW in this thesis, in order to utilize full potential during most of
the year. Balancing the fuel cell and electrolyzer proportion is important for cost-efficient use.

When setting the activation price threshold it is important to acknowledge the benefits of having a stable
source of income versus unpredictable income from support services, thus the hydrogen demand as fuel is con-
stant relative to imbalances in the net. A higher threshold can then be set to increase the share of income
from hydrogen sold as gas. Implementing a nominal activation of the electrolyzer at a certain load, while not
controlled by this price threshold, has the same effect since the production rate will be constant, this however
has a significant impact on plant NCF.

With the introduction of a support service market system MARI, and 15 minutes bidding span instead of
an hourly basis will be implemented, the income of support services is prone to change (SVK, 2023b). The
argument for this change is that prices of support services will be higher with the open market and increase of
the price cap. Factors that could change the price negatively can be that more actors lead to more competition
and the requirement of accepting lower bids. If the spot price is lowered due to a more open market, this will
increase the cost efficiency of the electrolyzer, since operations can be lower, but decrease the cost efficiency of
the fuel cell.

Uncertainty regarding the implementation of gasification is considered too low in comparison to electrolysis
since the system is less reliant on external factors. The factors that are connected to uncertainty are internal
factors such as if the initial investment is larger than expected or purification issues. Since gasification and
related processes are difficult to map entirely in the time span of this thesis, the actual cost of the system or
subsystems are uncertain. It should also be noted that gasifier reactor prices can differ greatly, as most reports
state the price of the system around the reactor as the actual price for a reactor, and the price for just the
reactor shell is not documented. The argument for exchanging old incineration boilers to gasification reactors,
as electricity is not the primary product, derives from the reasoning that it is more efficient and produces fewer
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emissions than combustion of fossil fuels or biomass, but primarily for the reason of creating syngas that can
be applied for a variety of purposes including power production. This makes it a versatile technology that can
be applied in different industries and not just for hydrogen production (Nohlgren et al., 2014),

The sensitivity curve presented in Figure 55, benchmarking the most profitable versions of gasification and
electrolysis platforms, indicates the IRR for extreme cases with and without subsidies. The result shows that
the technology with the most potential for proportional profit is the electrolysis platform Agir 1 if the CAPEX is
reduced. The Idun 2a gasification platform seems to be the most stable, and subsidies barely affect the outcome
because of the scale of cash flows. In this analysis, the electricity price and compensation prices are accounted
for simultaneously in the Agir 1 calculation, respectively the fuel and CO, price in Idun 2a.
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Figure 55: Sensitivity analysis of the most profitable versions of gasification and electrolysis. In the graph the

subsidies from secured investment coverage from Industriklivet, additionally volatile income and cost variables

are accounted for.

Arguably the most economically strategic investment would be the gasifier platform if subsidies cannot be
secured and aggressive changes in the market are not expected to occur. In the case of market volatility is
expected to increase, the Agir 1 platform seems to be the strategic choice.

In terms of emissions and sustainability, the plants are considered not to contribute to any environmentally
negative effect, since hydrogen produced from electricity is derived from renewable sources in the current zone.
The gasification plants can be observed as COs negative or neutral, since the C'Os is stored and sold for utiliza-
tion, promoting a circular economy for residual waste or capturing C'Os from biomass. The only emission from
gasification is from the combustion of C'H4, which is not captured in the proposed models. The emission from
combustion is considered as negligible as it could be avoided with a smaller installation of capture or oxyfuel
application.

The combination of all plants produces approximately 406 GWh of hydrogen annually and thus has the ability
to replace 9.4% of the demand for heavy transport fuel in the Stockholm region. If the alternative of PPA is
utilized without the sale of base electricity, the system could potentially cover up to 10.1% of the demand, also
reducing the carbon footprint of transport.

The economic result from all plants is shown to be positive, so it can be questioned why there has not been yet
any similar projects or investment. The explanation could reside in the fact that the calculations are wrong, but
more probable is that the technology is more efficient than before and that now an actual demand exists. The
demand will create infrastructure, making the gas more cost-efficient to distribute and store, since storage and
distribution of hydrogen could lead to considerable expenses. Regarding electrolysis, the lifetime of electrolyz-
ers has also increased in the past years, and with the introduction of renewable energy, compensation prices
have increased significantly. Computational modeling and digital tools have also accelerated research regarding
both gasification and electrolysis, increasing the advancement pace within the innovation and reliability of the
technology.

7 Conclusion

The integration of hydrogen production in Stockholm is mapped and utilizes the strategic placement of each
plant in combination with current production. In the CHP facilities, Hégdalen and Brista the possibility of
retrofitting gasifiers is concluded to be theoretically possible, also accounting for available space adjacent to
the boiler. Integrating the gasifiers will affect net electrical output negatively, but with a significant increase
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in district heating output from the facility. The replacement of boiler P3 to a gasifier is also possible, but
restricting the steam flow to fit heat output from the gasifier. In Vartahamnen, the proposition is made to
place electrolyzers that can provide district heating and chemical products locally. The design of the process
and simulation prove that the plants are possible without any major setback for the surrounding system except
in terms of electricity consumption.

According to results and strategical analysis, the gasifiers require pipeline or transport of gas from the facility
immediately, since a very large space is required to store the gas. For the electrolyzer platform, all operations
indicate that storage is possible, but show the requirement of storage at least for operations with PPA and
restricted utilization of fuel cells.

All proposed plants are compatible with the district heating system, as return water can be heated to 100-
120 °C for the gasification systems, and 74-82 °C with the connection of an electrolyzer. The plants that can
offer the most stable supply of district heating are the gasifier systems, as the electrolyzers are unstable except
for the operation with PPA. Similar results are obtained regarding gas supply reliability.

Investigating the value of oxygen by-product, it can be concluded that the alternative savings of avoiding
an ASU and fuel savings are 0.9 SEK/kg. Determining this price requires that the oxygen input is beneficial
to the integration with BECCS, without major re-investment in the current plant. The simulation proves that
savings can be possible with oxygen input, thus verifying the value of oxygen. In terms of other byproducts,
heat, and C'O> can be recoverable for district heating and sold as chemical products at market value, respectively.

Calculating the economic performance of each plant, results show positive indicators for both gasifiers and
electrolyzer platforms. It can be concluded that the gasifier replacing the P3 boiler called Idun 2 is the most
profitable of all technologies using CFB configuration. The gasifier system has an NPV of 4165.8 MSEK in
normal operation, and electrolyzer Agir 1 has an NPV of 667.4 MSEK. A comparison of operation modes in Agir
1 shows that the normal configuration is the most cost-effective, while the operation utilizing PPA and no fuel
cell is the least cost-effective. Regarding gasifiers, EF and FB as replacements for P3 are the least economically
beneficial alternatives. According to sensitivity analysis, all plants can be self-sustained economically, without
subsidies. The analysis shows that most configurations are economically stable, as hydrogen price impact on
electrolyzer in normal operation economy, can be considered almost negligible. Additionally, tax and other fees
result in minimal interference in relation to the cost of electricity and amortization.

The strategic analysis result indicates that the reliability of the gasifier outperforms the electrolyzers in terms
of the availability of district heating and product gas. This changes depending on the configuration of the elec-
trolyzer, as PPA alternatives supply products continuously over the year. From the analysis, it is determined
that the placement of the electrolyzer platform in Vartahamnen could provide system benefits, supporting the
turbine and synthesis of chemicals with hydrogen. In the aspect of gasification, the utilization of chemical
byproducts from cleaning, separation, and the ability to handle unwanted polymers can be positive for the
overall operation of the facility. The strategic and sensitivity analysis results indicate that an unstable spot
market or reserve trading will not affect the plant economy in any critical matter for the electrolysis platform.
For the gasification plant, the uncertainty of income based on fuel prices and C'O; trading is critical only for
some of the plants, as the economic stability of Idun 2a and 1la is the highest of all technologies, and Idun 2a
is the highest of the mature technology.

Regarding storage and infrastructure, the electrolysis platform is a relatively stable option, generating an amount
of hydrogen suitable for intercity storage, especially if basic power is sold from GtP application. Storage does
not destabilize if only balancing services are offered. Gasification-derived scale seems to be suitable only if the
grid is large enough to handle the outgoing quantity. Intercity storage for hydrogen production from gasifi-
cation is not suitable, especially not for the integrated gasifiers, as the intermittent operation will lead to the
requirement for large-scale accumulation to distribute contracted amounts of hydrogen evenly throughout the
year. This means that investing in electrolysis is the most feasible choice before the integration of hydrogen
infrastructure, with gasification as the second step after high demand from customers is secured to handle the
quantities produced.

Regarding progress in the energy transition and CCS, the fuel derived from Biogen sources can be assumed as
carbon negative, while recycling of MSW is seen as net zero. Both electrolyzer and gasification of MSW are
not actively capturing any COs, but leading to indirect reduction of fossil fuel utilized in industry or transport
sector.
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Appendix A

1 Calculation abbreviation

1.1 Algebraic solution to gasification

By calculating the required oxygen O, dependent on fuel, an initial value is determined, which is utilized to
solve the reaction formula 22 with six equations that are defined as the following matrice:

Cin=c+d+ f (Bl)

Hiy =2b+2e+4f (B2)

On=c+2d+e (B3)

N[N:2a (B4)
b-d

K= — B

o= 2 (B5)
f

Ape == B

o=t (Bo)

The Equations are then utilized to solve the variable a. The remaining expressions can be rearranged to
form a quadratic equation, with only variable ¢ left unsolved. The expression for the quadratic formula is
A-c?>+ B-c+C = 0. This algebraic approach is to calculate the stoichiometric reactions and constants relevant
to gasifier output. The setup of algebraic Equations together with reaction variables is used to solve the problem
as presented:

A=145A,.+4A42%, — K. (1+24,,.) (B7)
B = CIN(2Keq -3 - Amc) + HIN(_% - %Anw) + OIN(I + Anw - Keq) (B8)
C=Cin@2CiN+ 2Hin — Orn) (B9)

By solving the quadratic equation, two solutions are obtained for the variable ¢. Testing the result, only positive
solutions determine the value for all variables a-f. In the case, one of the solutions is resulting in a negative
number, the solution of variable ¢ can be rejected. Updated values are written as Equation Matrice:

a= 1NN (B10)
b=41Hin — Orn + 20N — (1 + 4An.) (B11)
d=Cin —c(1+ Ape) (B12)
e= 0N — 20N + c(1+24,,.) (B13)
f=c-Ane (B14)

Solution of the Equation system, thus estimation of outgoing composition can be defined inserted in the general
expression for gasification, Equation 22, with the mass flow of solid fuel, oxygen, and steam.
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1.2 Solution for conversion rate

Water gas shift reaction, the atomic balance of CSTR conversion presented in Matrices B15. C'Hy, Oz, and Ns
are not affected through the process.

os}
—
(%2

Hs,,, = Hz,, + X1,0 + Twgsr

COout = COip +2Xco, + XH,0 — Twgsr
COs,,, = COs,, — Xco, + Twgsr
Hy00ut = HyOiyy — Xp,0 — Twgsr

oy,
=
=

os;
—_
oo

~ o~~~ —~
oy oo}
— —
Nej ~J
S N N N N

Water gas shift reaction, of atomic balance in freeboard space. Assuming PFR, calculation presented in matrix
B20 represent the reaction, CHy, O2 and N5 are not affected through the process.

Hs,,, = Hs,, + rugsrtspace (B20)
COout = COin — Twgsrtspace (B21)
COs,,, = €Oz, + Twgsrtspace (B22)
H00ut = H20ip, — Tygsrtspace (B23)
(B24)

This method also applies to downstream equipment shifting steam and carbon monoxide but with a reaction
rate dependent on the catalyst and a set resident time to accelerate the process.

1.3 Algebraic solution to combustion

Stoichiometric balance is calculated using the minimum molar flow rate of each gas, as the flow of oxygen
Meombustion are from oxidizer output, shown in reaction:

Ozout = mcombustion - mstochiometry B25
N2out = mstochiometry%NIN + (gzz )mcombustion B26
H2,,: =0 B27
COout =0

_ . CO2,y
CO2put = Cr1NMstochiometry + Ouos  Mcombustion

1 . H>O004
H20,u: = (§HIN + H2OIN)mstochiometry + 5” Mcombustion
CH4ypy =0

then recompile the updated composition of flue gas.

1.4 Dimensions of gasifier

The primary method of scaling the BFB gasifier is by adhering to the The Damkéhler criterion from solving
the fluid dynamic conditions and char dispersion found in literature (Leckner et al., 2011). The account of gas
movement in vertical and horizontal directions through the reactor to describe diffusion or chemical reaction
rate in terms of dimensionless ratio is called the Damkdhler number. Through Equation B33 this number is
determined, as transport is the particle radial transportation time, and t,cqction is the time of reaction for the
devolatilization.

Da = ttransport ) (ng)

treaction

The criterion for assuming that the fuel is fully dispersed in the bottom of the reactor and that the devolatiliza-
tion of all fuel is complete, the Damkdhler number requires to be lower than 1. In this model, the same time of
reaction is set for temperatures ranging from 750 to 850 °C according to reference study (Tanaka et al., 2015),
and the minimum time of 54 was used to describe the near complete devolatilization the fuel (Campoy et al.,
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2008). In order to scale the gasifier depending on radial dispersion or geometry dp.q and dispersion coefficient
Dy, can be solved by the Einstein expression in Equation B34.
d2
tirans = 2%71 . (B34)
The dispersion coefficient is taken from literature (Pallarés & Johnsson, 2006), as catalyst bed material is
weighted to global dispersion values and superficial velocity ug. Horizontal geometry and particle trace, also
affect the coefficient and thus scaling is made as a function, as the dimension is not linear (D. Liu & Chen,
2010), and can be calculated as for example with Equation B35, to obtain the updated value of bed diameter
depending on biomass feed 71y, and reference width d,. .

dped = \/T7 fuer 0.4452. (B35)

If the mathematical approximation of geometry input, does not satisfy the earlier stated conditions, values need
to be configured to complete calculations. In accordance with the previously mentioned criteria, the proportion
between the bed and freeboard needs to be configured so that the reaction rate is similar to reference experiments.
The dimensionless numbers determining the proportion is derived from fluid-dynamic correlations, as the full
set of these values are calculated at a common approach of modeling, as Glicksman presents it (Glicksman et al.,
1994), through expressions B36.

VePadom %6 py D dom, (B36)

Hg gD Pbm H D
In the single-course kinetic calculation of fixed bed, an alternative method of setting the structure geometry,
not including trivial effects, is by determining the geometry of the gasifier without the Damkholer number, thus
not accounting for the dispersion of fuel. To calculate the molar flow depending on height can be rearranged
by calculating the structural active surface A;, from the void factor inside the reactor with Equation B37(Gil,
2016). 5
= Z DiA;(y)- (B37)

The method of predetermined geometry does not include varied states of the structure profile and is thus rejected
to calculate the molar flow. Method when trivial effects on conversion rate without the influence of CHy, is
utilized. Applying the reactivity of the char and particle model, in Equation B39, the active area of solids,As,
can be calculated with rearrangement of expression B38.

anchar _
oy

As Z(Dipo )- (B38)

The volume and active surface are then defined by Equation B39, as reactor diameter d;, is constant and height
y varies dependent on the porous particle model reaching maximum reactivity rate. Figure 14 displays the
geometry for the fixed bed gasifier.

d
Vied = W(Et)y, and As = (1 — epeq) A. (B39)

To calculate void fraction for the FB gasifier, Equation B40 as the active surface is derived from species volume
in the gasifier. The particle diameter d, can be related to f(X) in stationary conditions when X = 0.

dr _ )2
cbed = 0.38 +0.073 |1+ d),z] . (B40)

(i

The height is determined, with Equation 55, as the exchange of structural profile generates the volume differential
for the rate of species entering and leaving the gasifier.

1.5 Mass and heat transfer models for electrolyzers

Calculating the technological performance of the electrolysis stack, utilization of heat, and utility is required,
to estimate the overall technological efficiency. In this calculation, it is notable that the different theoretical
material flows are adapted to suit a realistic output by applying mechanical, recovery, and electrical efficiency to
the mathematical model. For example, in calculating the mass flow of water required for the desired configuration
of the stack that is expressed by the relation: oo+ pge = M py20, the theoretical mass flow of water is divided
by Mrecovery, to update flow for water pump and mass transfer equation.
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1.5.1 Heat recovery AEL

The main Equation B41 is describing the thermodynamic balance of the system, expressed as the useful heat
Qusefu that is also equal to the cooling demand of the stack Qcoor-

Quseful == Qgen - Qloss - QHeating + Qsensible~ (B41)

The sensible heat in this process is expressed by B42, and represents the cooling of compressed gas. The heat
transferred from the compressed gas is assumed to be in direct connection to the electrolyzer cooling circuit
but is not representative of how an actual cooling system is designed. Here the thermal capacity of gas C,,
is adapted to the composition of gas at ambient temperature, without any adaptation to linear differential
solutions.

Qsensible = mHQ Op,H2 (TH2 - Tstack) + mOg Cp,02 (T02 - Tetack)~ (B42)

In order to account for thermal losses from the stack to the surrounding environment, the loss is calculated with
expression B43. The heat loss is dependent on stack active surface area Ag;qcr, in combination with the radiation
h, and the convective h¢, heat transfer coefficient determining heat acclimation to ambient temperature 7.

Qloss = Astack(hc + hr)(Tstack - Ta)~ (B43)

The radiation conductivity is expressed as B44, as ¢,44 is the emittance of stack material and o} represents the
Boltzmann constant.
hr = Ubgrad(Tstack)3- (B44)

To calculate the convective heat transfer coefficient, the stack can be assumed to operate on the ground sur-
rounded by atmospheric air. The suitable method for ambient conditions is applying a low-velocity convection
problem, as both buoyancy and natural air flow is accounted for in the Nusselt Equation B45. For ambient
conditions of slow-moving air, the ratio between momentum diffusivity and thermal diffusion can be approxi-
mately defined with Prandt’s number Pr = 0.72. In relation to buoyancy-driven flow and effect of viscosity,
Raleigh number Ray, is applied as gravity around the cylindrical shape is the major drive for convection, thus
is approximated to Rag = 2.19 - 10° in accordance to empirical theory (Incropera, 2017).

Ny 06+ (0.387Ra/®))
(1+ (%)9/16)8/27 :

(B45)

The vertical profile can in this case be set to d; = 2d, and k the conduction of steel with minor insulation, thus
calculating the convective coefficient with expression B46.

_ Nuk

he = B4
. (B46)

The heat exchange from inlet water and agitation after the water feed pump is defined by Equation B47, when the
heat dispatch is based on the mixed electrolyte KOH and water as the transfer medium. The inlet temperature
Tiniers of fluid is required to reach operational temperature, as the lye is cooled due to inlet temperature increase
from pump compression,

QHeat = mHQO(Cp,KOHXKOH + (1 - XKOH)Cp,w)(Tstack - Crinlett)~ (B47)

The primary cooling system that the utilization of excess heat is based on, is the heat generated from losses
due to overpotential in cell Qgen-
Qgen = N¢i Acell(Jcell - Jrev)- (B48)

The transfer between the cooling circuit and heat exchange of return water from district heating resulting in
output temperature of Ty oyt, is calculated with the NTU method. In the AEL cooling circuit, a maximum
temperature difference from heat returning water after heat exchange is set to 6 °C, though it is possible to
increase temperature difference dependent on equipment thresholds. The general expression for the output
capacity of district heating is via Equation B49.

QDHU) = mwcp,w (Tdh,out - Tdh,in) (B49)

1.5.2 Heat recovery PEM

To calculate the performance of district heating output from the PEM electrolyzer stack, the same method as
AEL can be applied to calculate the useful heat Qusefur , with changes in the uptake of sensible heat and heat
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losses to the surrounding environment. The changes to sensible heat are because of uncertainties regarding
hydrogen temperature, only utilizing the heat dissipated from the oxygen outlet since the hydrogen stream is
not recirculated for heat exchange. The updated equation of recoverable sensible heat can be expressed as
Equation B50.

Qsensible = mOg Op,Og (T02 - Tstack)- (B5O)

The changes applied to heat losses from a cubical stack instead of cylindrical, are calculated via empirical theory,
with the radiation coefficient B51.
hy = 40404 (Tstack)3~ (B51)

Calculating the convective heat transfer coefficient, the stack is assumed to operate on the ground surrounded
by atmospheric air. The method for ambient conditions applies low-velocity convection conditions when both
buoyancy and forced air flow is accounted for in the Nusselt Equation B52. For ambient conditions of slow-
moving air at 0.2 m/s, the ratio between momentum diffusivity and thermal diffusion is approximately defined
with Prandt’s number Pr = 0.72. In accountancy to internal and viscous forces, the Reynolds number is applied.
The application of Reynolds is suitable, because of the flow rate condition of air surrounding the stack, thus
creating a laminar flow of Re; ~ 5 x 10*. Reynolds and Prandt generate the average Nusselt number with
Equation B52.

Nu = 0.66Re%57° prt/3, (B52)

In order to then calculate the convective transfer coefficient h., Equation B53 is applied, which is dependent on
the characteristic length instead of profile diameter, as in the thermodynamic calculations for an AEL stack.
The characteristic length is expressed as the surface area Ly = v H as described in literature (Tiktak, 2019).

~ Nuk

he
Ly

(B53)

1.6 Mathematical curve fitting of cycling degradation

In the case of cycling, the following assumptions are made to modify the potential according to the fit degradation

curve;
&2 &3

Jeett = Joco + (11 + r2(Teett + Boubbic©))i + s1logio((&1 + +( )%)i+1) = Viee- (B54)
Tcell Tcell
In this time form, ¢ defines the number of hours from initial activation.
Jdec = taCti%atfonoa + 2td0tivatione(t?l.cstmmion(2V1_tm:ﬁm'tinn))' (B55)

This assumption is not to be applied in the benchmarking model, since is not a confirmed result, and is rejected
as it is not derived from empirical theory and only to illustrate the possible influence of time from experiment
data.

Appendix B

1 Economy

1.1 Support service market

The figures below present the activity during the balance reserve operation, for the base scenario. Note that
the volume is set in Megawatt, thus the amount of delivered MW per hour is accumulated during the hour.
This does not however mean that capacity compensation will be paid for the delivered amount, and only for
the max capacity of a Fuel cell(3.66 MW) or Electrolyzer(5.1 MW). Compensation for actual delivered volume
is paid according to B1 or example B2.

Incometot - P(O) CCapacitycompensation + P(tz) CEnergycompensation- (Bl)

This equation is only utilized for services that offer both kinds of compensation. If only one compensation is
offered, the same equation works if the variable for the compensation type that is not offered is removed.

6.95
Incometot = 3.66 CCapacitycompensation + m CEnergycompensation~ (BQ)
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Figure B8: The prediction regarding the energy and capacity market, as volume and prices are weighted towards
a shared constant. Increase describes the values proportional to the year 2021.

25 Compensation - Projection Case 3
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Figure B9: The Prediction regarding the energy and capacity market, as volume and prices are weighted towards
a shared constant. Increase describes the values proportional to the year 2021.

1.3 Comments on future market prediction

In regards to predicting the future market, volumes, and prices, data is analyzed to forge several weighted
constant vectors f,, for each projected year. By using the weighted set of numbers gathered from a combination
of forecast data, these numbers can then generate a projection for the year Year; using the formula in B3, to
predict future pricing.

. S(t)
Cprice = fj

To validate the prediction values f, a test on support service capacity compensation for 2021 was executed,
utilizing the product of the previous amount of volume and price demand. The projected result was concluded
to deviate approximately 9-8% from the actual price in 2021. The validation is arguably rejected since it the
future price of electricity is not possible to predict with any kind of certainty. As this prediction works for the
span of 2021 and 2022 for an annual average, it cannot predict on hourly-based resolution, thus is suitable for
sensitive analytical applications.

In projection Case 1, the forecast data is randomly generated following patterns of previous years to achieve a
type of reference value. The peak of years 2028-2029 is not depicting an actual phase but conjures approximately
with the implementation of the hydrogen transition in the North of Sweden. Projection is presented in Figure B9.

(B3)

In projection 2, the prediction is based on linear regression, as data from interviews and planned transitions in
the energy system, is quantified with a simplified regression model following empirical theory from literature
(Xing, 2008). To note is that the values are translated from the increased amount of volume demand and
bandwidth of power peaks. The reason behind power peak increased bandwidth or time, is that the mass of
rotation is expected to increase rendering the energy system more volatile, and with significantly larger max
and minimum deficit or excess power that requires balancing. Projection is presented in Figure BS.

In projection case 3, the prediction of coming years is estimated to be constant, which results in the most
conservative of the cases presented and is based on the least aggressive modification of SVKs prediction of
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support service prices in the future, as the consensus is that the curve will decrease and flatten to the year 2025
(SVK, 2023c). Projection is presented in Figure B9

1.4 Economy related parameters

Table B1: CAPEX related assumptions for gasifiers.

Parameter Value Unit

Direct costs;

Process piping 3 % of total major equipment costs
Instrumentation 2 % of total major equipment costs
Electrical facilities 2 % of total major equipment costs
Buildings 0 % of total major equipment costs
Foundations 0 % of total major equipment costs
Site preparation 3 % of total major equipment costs
Indirect costs;

Engineering 10 % of total costs

Table B2: CAPEX related assumptions for Agir 1.

Parameter Value Unit

Direct costs;

Process piping 3 % of total major equipment costs
Instrumentation 2 % of total major equipment costs
Electrical facilities 2 % of total major equipment costs
Buildings 5 % of total major equipment costs
Foundations 1 % of total major equipment costs
Site preparation 3 % of total major equipment costs
Indirect costs;

Engineering 10 % of total costs
Permits/Inspections 5 % of total costs
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Table B3: Assumptions and recorded rates for economical calculations. Certificate of origin and energy tax
only applies to Agir 1 calculation.

Parameter Value Unit

DH period price, Apr-Oct 288.8 SEK/MWh
DH period price, Nov-Mar 738.8 SEK/MWh
Retail price Hy 30 SEK/kg
Retail price COq 2  SEK/kg
Retail price O, 0.9 SEK/kg
Water cost 11.3 SEK/tonne
Ash disposal 500 SEK/tonne
Technical lifetime (BFB) 25  years
Technical lifetime (EF) 25  years
Technical lifetime (FB) 20 years
Technical lifetime (AEL) 19.7  years
Technical lifetime (PEM/FC) 10.5 years
Construction time Agir 1 2 years
Construction time Idun 1 and 2 3 years
Corporate tax 25 %

Energy tax 36 SEK/MWh
Discount rate 8 %

Inflation rate 2 %

Variable maintenance cost 10 SEK/MWh
Certificate of origin cost 100 SEK/MWh
PPA cost incl. Certificate of origin 527.3 SEK/MWh

Table B4: Net specific fees for transmission point Véartan, not including tax (Ellevio, 2023).

Parameter Value Unit

Net fee variable 2.5 SEK/MWh
Power fee variable 2.2 SEK/MWh
Replacement fee 2.1 SEK/MWh
Net fee fixed 62000 SEK, year
Power fee fixed 352000 SEK/MW ,year

1.5 Component cost

Table B5: Cost of major components Idun 1a.

Equipment Scale exponent  Cost Unit  Source

WGS reactor 1 72 MSEK (Laboratory, 2006)
Compressors 0.62 83.9 MSEK (Laboratory, 2006)

Heat exchangers 0.59 61.5 MSEK (Laboratory, 2006)

Fabric filtering system 1 09 MSEK (K. M. Holmgren, 2015)
Solid fuel handling 1 36 MSEK (Mesfun et al., 2016)
Gasifier reactor 0.72 180.9 MSEK (Mesfun et al., 2016)
Scrubber 1 113 MSEK (Laboratory, 2006)

PSA system 0.67 105.9 MSEK (M. Liet al., 2012)
Membrane separator AHF 0.67 13.8 MSEK (Nordio et al., 2021)

AGR system 1 150.45 MSEK (Hannula & Kurkela, 2013)
Hydrolosis unit 0.67 13.3 MSEK (NETL, 2010)

Active carbon unit 0.67 3.1 MSEK (NETL, 2010)

Membrane separator MFI/CMS 1 07 MSEK (K. M. Holmgren, 2015)
Amine unit 0.67 90.9 MSEK (Laboratory, 2006)
Methane combustion boiler 0.67 15 MSEK (Baltrusaitis & Luyben, 2015)
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Table B6: Cost of major components Idun 1b.

Equipment Scale exponent Cost ~ Unit  Source

WGS reactor 1 21.1 MSEK (Laboratory, 2006)
Compressors 0.62 48.1 MSEK (Laboratory, 2006)

Heat exchangers 0.59 464 MSEK (Laboratory, 2006)

Fabric filtering system 1 09 MSEK (K. M. Holmgren, 2015)
Solid fuel handling 1 1.6 MSEK (Mesfun et al., 2016)
Gasifier reactor 0.72 74.8 MSEK (Mesfun et al., 2016)
Scrubber 1 54  MSEK (Laboratory, 2006)

PSA system 0.67 66.6 MSEK (M. Liet al., 2012)
Membrane separator AHF 0.67 6.8 MSEK (Nordio et al., 2021)

AGR system 1 44.2 MSEK (Hannula & Kurkela, 2013)
Hydrolosis unit 0.67 3.9 MSEK (NETL, 2010)

Active carbon unit 0.67 0.9 MSEK (NETL, 2010)

Membrane separator MFI/CMS 1 02 MSEK (K. M. Holmgren, 2015)
Amine unit 0.67 55.4 MSEK (Laboratory, 2006)
Methane combustion boiler 0.67 7 MSEK (Baltrusaitis & Luyben, 2015)

Table B7: Cost of major components Idun 2a.

Equipment Scale exponent Cost Unit Source

WGS reactor 1 426 MSEK  (Laboratory, 2006)
Compressors 0.62 25 MSEK  (Laboratory, 2006)

Heat exchangers 0.59 30.3 MSEK  (Laboratory, 2006)

Fabric filtering system 1 05 MSEK (K. M. Holmgren, 2015)
Solid fuel handling 1 15 MSEK  (Mesfun et al., 2016)
Gasifier reactor 0.72 1241  MSEK (Mesfun et al., 2016)
Scrubber 1 34 MSEK  (Laboratory, 2006)

PSA system 0.67 23.1 M MSEK (M. Li et al., 2012)
Membrane separator AHF 0.67 11.24 MSEK  (Nordio et al., 2021)

ASU 0.75 92.7 MSEK  (Nordio et al., 2021)

AGR system 1 89.1 MSEK  (Hannula & Kurkela, 2013)
Hydrolosis unit 0.67 7.9 MSEK  (NETL, 2010)

Active carbon unit 0.67 1.9 MSEK  (NETL, 2010)

Membrane separator MFI/CMS 1 04 MSEK (K. M. Holmgren, 2015)
Cyclone 0.67 4.1 MSEK  (Laboratory, 2006)

Amine unit 0.67 40.6 MSEK (Laboratory, 2006)
Methane combustion boiler 0.67 7.3 MSEK (Baltrusaitis & Luyben, 2015)
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Table B8: Cost of major components Idun 2b.

Equipment Scale exponent  Cost Unit  Source

WGS reactor 1 464 MSEK (Laboratory, 2006)
Compressors 0.62 23.9 MSEK (Laboratory, 2006)

Heat exchangers 0.59 34.5 MSEK (Laboratory, 2006)

Fabric filtering system 1 06 MSEK (K. M. Holmgren, 2015)
Solid fuel handling 1 106 MSEK (Mesfun et al., 2016)
Gasifier reactor 0.7 7275 MSEK (Mesfun et al., 2016)
Scrubber 1 29 MSEK (Laboratory, 2006)

PSA system 0.67 41.8 MSEK (M. Liet al., 2012)
Membrane separator AHF 0.67 14.5 MSEK (Nordio et al., 2021)

ASU 0.75 150.7 MSEK (Nordio et al., 2021)

AGR system 1 97 MSEK (Hannula & Kurkela, 2013)
Hydrolosis unit 0.67 8.6 MSEK (NETL, 2010)

Active carbon unit 0.67 2 MSEK (NETL, 2010)

Membrane separator MFI/CMS 1 04 MSEK (K. M. Holmgren, 2015)
Amine unit 0.67 36.6 MSEK (Laboratory, 2006)
Methane combustion boiler 0.67 13 MSEK (Baltrusaitis & Luyben, 2015)

Table B9: Cost of major components Idun 2c.

Equipment Scale exponent  Cost Unit Source

WGS reactor 1 94 MSEK  (Laboratory, 2006)
Compressors 0.62 27.2 MSEK  (Laboratory, 2006)

Heat exchangers 0.59 125 MSEK  (Laboratory, 2006)

Fabric filtering system 1 0.1 MSEK (K. M. Holmgren, 2015)
Solid fuel handling 1 06 MSEK (Mesfun et al., 2016)
Gasifier reactor 0.72 876 MSEK  (Mesfun et al., 2016)
Scrubber 1 06 M MSEK (Laboratory, 2006)

PSA system 0.67 25.5 MSEK (M. Li et al., 2012)
Membrane separator AHF 0.67 3.7 MSEK  (Nordio et al., 2021)

ASU 0.75 364 MSEK  (Nordio et al., 2021)

AGR system 1 19.7 MSEK (Hannula & Kurkela, 2013)
Hydrolosis unit 0.67 1.7 MSEK (NETL, 2010)

Active carbon unit 0.67 0.4 MSEK (NETL, 2010)

Membrane separator MFI/CMS 1 0.1 MSEK (K. M. Holmgren, 2015)
Cyclone 0.67 1.25 MSEK  (Laboratory, 2006)

Amine unit 0.67 125 MSEK  (Laboratory, 2006)
Methane combustion boiler 0.67 4.4 MSEK  (Baltrusaitis & Luyben, 2015)

Table B10: Cost of major components Agir 1 (AEL).

Equipment Scale exponent Cost  Unit Source

Electrolyzers 095 49.6 MSEK (Christensen, 2020)
Pumps 1 0.1 MSEK (Hannula & Kurkela, 2013)
Compressors (HP) 0.67 1.5 MSEK (Craig & Mann, 1996)
Storage 0.85 24 MSEK (Nguyen et al., 2019b)
Oxygen piping 1 0.3 MSEK -

Fuel cells 0.85 45.2 MSEK (Battelle, 2016)

Battery 0.85 0 MSEK -

Heat exchangers (CC) 095 0.1 MSEK (Aromada et al., 2020)
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Table B11: Cost of major components Agir 1 (PEM).

Equipment Scale exponent Cost ~ Unit  Source

Electrolyzers 0.95 54.3 MSEK Christensen, 2020

Pumps 1 01 MSEK Hannula and Kurkela, 2013
Compressors (HP) 0.67 1.5 MSEK (Craig & Mann, 1996)
Storage 0.85 24 MSEK (Nguyen et al., 2019b)
Oxygen piping 1 03 MSEK -

Fuel cells 0.85 45.2 MSEK (Battelle, 2016)

Battery 0.85 0 MSEK -

Heat exchangers (CC) 095 0.1 MSEK (Aromada et al., 2020)

1.6 Fuel pricing matrix

Table B12: Fuel price index quarterly report(Energimyndigheten, 2023c). All values is in SEK/MWh except
weighted numbers

Quarter | Resdidential | Industry | Import | Chipped | Residue | Recycled
MSW MSW MSW | Biomass | Biomass | Biomass
2lal -156 -156 -163 199 173 100
21a2 -164 -172 -168 194 168 97
21a3 -171 -193 -202 184 153 98
21a4 -155 -149 -157 192 162 103
22al -176 -170 -156 192 161 103
22a2 -181 -168 -156 194 159 104
22a3 -177 -183 -173 211 172 130
Boiler Share Share Share Share Share Share
P6 feed - 0.5 0.5 - - -
B1 feed - - - 0.5 0.5 -
P3 feed 0.75 - 0.25 - - -

Table B13: Weighted solid fuel prices from TableB12, not including tax.

Type Value Unit

Fuel price Idun 1a/P6 -169 SEK/MWh
Fuel price Idun 1b/2b/B1 179.4 SEK/MWh
Fuel Price Idun 2a/2¢/P3 -168.4 SEK/MWh

1.7 Sensitive analysis
In this section, different parameters will be altered to investigate the economic sensitivity of parameters. To

note is that the subsidies sensitive analysis is based on receiving the minimum to maximum support, with the
base of average subsidy.
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1.7.1 Investment

Table B14: Sensitivity indicators for major economical variables Agir 1 (AEL). The subsidy sensitivity starts
at the average support percentage.

Change of input value (%) -50 -30 -10 0 +10 +30 +50
Payback time (years)
CAPEX (Industriklivet) 1.4 1.3 1.2 1.2 1.2 1.1 1.0
CAPEX (Pilot och demo) 1.4 1.4 1.4 1.3 1.3 1.3 1.2
CAPEX 4x - - - 6.1 - - -
Electricity Price 1.5 1.5 1.5 1.5 1.5 1.5 1.5
Compensation Price 2.1 1.8 1.6 1.5 1.5 1.3 1.2
Hydrogen Price 1.6 1.5 1.5 1.5 1.5 1.5 1.5
Tax and net fee 1.5 1.5 1.5 1.5 1.5 1.5 1.5
Net present value (MSEK)
CAPEX (Industriklivet) 684.4 691.2 697.9 701.3 704.7 711.5 718.3
CAPEX (Pilot och demo) 677.0 680.9 684.8 686.7 688.6 692.5 696.3
CAPEX 4x - - - 204.3 - - -
Electricity Price 708.3 691.9 675.6 667.4 659.2 642.8 626.4
Compensation Price 420.3 519.1 618.0 667.4 716.8 815.6 914.5
Hydrogen Price 654.6 659.7 664.8 667.4 669.9 675.0 680.2
Tax and net fee 683.6 677.1 670.6 667.4 664.1 657.6 651.1
Internal rate of return (%)
CAPEX (Industriklivet) 53.4 55.6 58.1 59.5 60.9 63.9 67.3
CAPEX (Pilot och demo) 51.1 52.3 53.5 54.1 54.8 56.1 57.5
CAPEX 4x - - - 12.4 - - -
Electricity Price 50.4 49.6 48.8 48.4 48.0 47.2 46.4
Compensation Price 35.6 40.9 45.9 48.4 50.8 55.6 60.2
Hydrogen Price 47.8 48.0 48.3 48.4 48.5 48.8 49.0
Tax and net fee 49.2 48.9 48.6 48.4 48.3 479 47.6

Table B15: Influence of PPA price on plant economy, for Agir 1 (PPA without fuel cell).

Change of input value (%) -50 -30 -10 0 +10 +30 +50
PVQ ()
PPA Price 4.8 4.1 3.4 3 2.6 1.9 1.2
Net present value (MSEK)
PPA Price 286.8 234.7 182.5 156.5 130.4 78.3 26.1

Internal rate of return (%)

PPA Price 41.4 36.3 30.9 28.1 25.3 19.2 12.2

Table B16: Varying cash flows for Agir 1 (AEL) dependent on forecasting models, from the time of deployment
2025, to 2030. Cash flows after this time span are constant and follow the weighted average.

Projection Case 1 Case2 Case3d Constant - 2022

PBT 1.5 1.3 1.7 1.5 Years
NPV 625.7 744 579.4 667.4 MSEK
IRR 45.9 574 48.8 484 %
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Table B17: Sensitivity indicators for major economical variables Idun 1 a. The subsidy sensitivity starts at the
average support percentage.

Change of input value (%) -50 -30 -10 0 +10 +30 +50
Payback time (years)
CAPEX (Klimatklivet) 1.6 1.4 1.3 1.3 1.2 1.1 1.0
CAPEX (Industriklivet) 1.7 1.6 1.5 1.5 1.4 1.3 1.2
CAPEX (Pilot och demo) 1.7 1.7 1.7 1.6 1.6 1.6 1.5
CAPEX 4x - - - 7.1 - - -
Fuel Costs 2.0 1.9 1.9 1.9 1.8 1.8 1.7
CO5 Price 2.2 2.1 1.9 1.9 1.8 1.7 1.6
H, Price 2.2 2.0 1.9 1.9 1.8 1.7 1.6
DH recovery 2.1 2.0 1.9 1.9 1.8 1.7 1.7
Net present value (MSEK)
CAPEX (Klimatklivet) 6296.4 6234.4 6172.4 6141.3 6110.3 6048.3 5986.2
CAPEX (Industriklivet) 5936.1 5978.1 6020.1 6041.1 6062.1 6104.1 6146.1
CAPEX (Pilot och demo) 6010.1 5986.2 5962.4 5950.4 5938.5 5914.6 5890.8
CAPEX 4x - - - 2967.5 - - -
Fuel Costs 5346.8 5540.5 5734.2 5831.1 5928.0 6121.7 6315.4
CO2 Price 4644.7 5119.3 5593.8 5831.1 6068.4 6542.9 7017.5
Hydrogen Price 4813.7 5220.7 5627.6 5831.1 6034.6 6441.5 6848.5
DH recovery 5044.6 5359.2 5673.8 5831.1 5988.4 6303.0 6617.6
Internal rate of return (%)
CAPEX (Klimatklivet) 78.2 72.6 67.8 65.7 63.7 60.1 57.0
CAPEX (Industriklivet) 54.7 56.6 58.7 59.8 60.9 63.3 66.0
CAPEX (Pilot och demo) 58.1 57.0 55.8 55.3 94.8 53.7 52.8
CAPEX 4x - - - 16.3 - - -
Fuel Costs 47.9 48.9 49.9 50.4 50.9 51.9 52.9
CO2 Price 44.0 46.7 49.2 50.4 51.7 54.0 56.3
Hydrogen Price 45.0 47.2 49.4 50.4 51.5 53.5 55.5
DH recovery 46.2 48.0 49.6 50.4 51.3 52.9 54.4
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Table B18: Sensitivity indicators for major economical variables Idun 1b. The subsidy sensitivity starts at the
average support percentage.

Change of input value (%) -50 -30 -10 0 +10 +30 +50
Payback time (years)
CAPEX (Klimatklivet) 6.0 5.6 5.1 4.9 4.6 4.2 3.7
CAPEX (Industriklivet) 6.4 6.1 5.8 5.6 5.5 5.1 4.8
CAPEX (Pilot och demo) 6.7 6.6 6.4 6.3 6.2 6.0 5.8
CAPEX 4x - - - 244 - - -
Fuel Costs 6.5 6.7 7.0 7.2 7.4 7.7 8.1
CO2 Price 9.9 8.6 7.6 7.2 6.8 6.2 5.7
Hydrogen Price 9.2 8.3 7.5 7.2 6.9 6.4 5.9
DH recovery 8.1 7.7 74 7.2 7.0 6.7 6.5
Net present value (MSEK)
CAPEX (Klimatklivet) 421.3 451.3 481.4 496.4 511.4 541.4 571.4
CAPEX (Industriklivet) 397.1 4174 437.7 447.9 458.0 478.4 498.7
CAPEX (Pilot och demo) 375.2 386.7 398.2 404.0 409.8 421.3 432.9
CAPEX 4x - - - -1038.9 - - -
Fuel Costs 443.4 404.5 365.7 346.3 326.9 288.1 249.3
CO2 Price 112.3 205.9 299.5 346.3 393.1 486.7 580.3
Hydrogen Price 159.3 234.1 308.9 346.3 383.7 458.5 533.3
DH recovery 250.4 288.7 327.1 346.3 365.5 403.9 442.3
Internal rate of return (%)
CAPEX (Klimatklivet) 19.1 20.5 22.2 23.1 24.1 26.4 29.1
CAPEX (Industriklivet) 18.0 18.9 19.8 20.3 20.9 22.0 23.3
CAPEX (Pilot och demo) 17.1 17.6 18.0 18.3 18.5 19.1 19.6
CAPEX 4x - - - -2 - - -
Fuel Costs 17.9 17.2 16.4 16.0 15.6 14.8 14.0
CO2 Price 10.9 13.1 15.1 16.0 17.0 18.8 20.5
Hydrogen Price 12.0 13.7 15.3 16.0 16.8 18.2 19.6
DH recovery 14.0 14.9 15.6 16.0 16.4 17.2 17.9
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Table B19: Sensitivity indicators for major economical variables Idun 2a. The subsidy sensitivity starts at the
average support percentage.

Change of input value (%) -50 -30 -10 0 +10 +30 +50
Payback time (years)
CAPEX (Klimatklivet) 1.5 1.4 1.2 1.2 1.1 1.0 0.9
CAPEX (Industriklivet) 1.6 1.5 14 14 1.3 1.3 1.2
CAPEX (Pilot och demo) 1.6 1.6 1.6 1.5 1.5 1.5 1.4
CAPEX 4x - - - 6.7 - - -
Fuel Costs 1.8 1.7 1.6 1.5 1.5 14 1.3
Electricity Price 1.6 1.6 1.6 1.5 1.5 1.5 14
CO2 Price 2.0 1.8 1.6 1.5 1.5 1.3 1.2
Hydrogen Price 1.9 1.7 1.6 1.5 1.5 14 1.3
DH recovery 1.9 1.7 1.6 1.5 1.5 14 1.3
Net present value (MSEK)
CAPEX (Klimatklivet) 4189.3 4230.0 4270.6 4291.0 4311.3 4352.0 4392.7
CAPEX (Industriklivet) 4156.4 4184.0 4211.5 4225.3 4239.0 4266.6 4294.1

CAPEX (Pilot och demo) 4126.7 4142 .4 4158.0 4165.8 4173.7 4189.3 4204.9

CAPEX 4x - - - 2210.5 - - -
Fuel Costs 3819.6 3958.1 4096.6 4165.8 4235.1 4373.6 4512.1
Electricity Price 4154.4 4159.0 4163.6 4165.8 4168.1 41727 4177.2
CO2 Price 3225.0 3601.3 3977.7 4165.8 4354.0 4730.3 5106.7
Hydrogen Price 3513.8 3774.6 4035.4 4165.8 4296.2 4557.0 4817.8
DH recovery 3520.8 3778.8 4036.8 4165.8 4294.8 4552.8 4810.8
Internal rate of return (%)
CAPEX (Klimatklivet) 59.2 62.5 66.2 68.2 70.4 75.3 81.1
CAPEX (Industriklivet) 56.9 58.8 61.0 62.1 63.3 65.8 68.5
CAPEX (Pilot och demo) 54.9 55.9 57.0 57.5 58.1 59.2 60.4
CAPEX 4x - - - 17.3 - - -
Fuel Costs 52.4 54.4 56.5 97.5 58.6 60.8 63.0
Electricity Price 55.1 56.0 57.0 57.5 58.0 59.1 60.2
CO2 Price 474 51.4 55.5 57.5 59.6 63.6 67.8
Hydrogen Price 49.9 52.9 56.0 57.5 59.1 62.3 65.5
DH recovery 49.9 52.9 56.0 57.5 59.1 62.2 65.4

92



Table B20: Sensitivity indicators for major economical variables Idun 2b. The subsidy sensitivity starts at the
average support percentage.

Change of input value (%) -50 -30 -10 0 +10 +30 +50
Payback time (years)
CAPEX (Klimatklivet) 7.0 6.5 5.9 5.7 5.4 4.8 4.3
CAPEX (Industriklivet) 7.5 7.1 6.7 6.5 6.3 6.0 5.6
CAPEX (Pilot och demo) 7.8 7.6 7.4 7.3 7.2 7.0 6.8
CAPEX 4x - - - 27.6 - - -
Fuel Costs 7.3 7.7 8.1 8.4 8.6 9.2 9.8
Electricity Price 7.3 7.7 8.1 8.4 8.6 9.2 9.8
CO2 Price 211.7 10.1 8.9 8.4 7.9 7.1 6.5
Hydrogen Price 11.9 10.2 8.9 8.4 7.9 7.1 6.4
DH recovery 9.5 9.0 8.6 8.4 8.2 7.8 7.4
Net present value (MSEK)
CAPEX (Klimatklivet) 975.1 1072.6 1170.0 1218.7 1267.4 1364.8 1462.3
CAPEX (Industriklivet) 896.4 962.4 1028.3 1061.3 1094.3 1160.2 1226.2
CAPEX (Pilot och demo) 825.2 862.7 900.2 918.9 937.7 975.1 1012.6
CAPEX 4x - - - -3765.0 - - -
Fuel Costs 1089.3 946.2 803.1 733.4 660.0 516.9 373.8
Electricity Price 910.7 839.8 768.8 733.4 697.9 627.0 556.1
CO2 Price 47.6 321.9 596.2 733.4 870.5 1144.8 1419.2
Hydrogen Price 18.3 304.4 590.4 733.4 876.4 1162.4 1448.4
DH recovery 438.1 556.2 674.3 733.4 792.4 910.5 1028.6
Internal rate of return (%)

CAPEX (Klimatklivet) 16.3 17.6 19.2 20.0 20.9 23.0 25.5
CAPEX (Industriklivet) 15.3 16.1 17.0 17.5 18.0 19.0 20.2
CAPEX (Pilot och demo) 14.5 14.9 15.3 15.6 15.8 16.3 16.8

CAPEX 4x - - - -4.1 - - -
Fuel Costs 15.8 14.9 14.0 13.5 13.0 12.0 11.0
Electricity Price 14.7 14.2 13.8 13.5 13.3 12.8 12.3
CO2 Price 8.4 10.6 12.6 13.5 14.4 16.2 17.8
Hydrogen Price 8.2 10.5 12.5 13.5 14.5 16.3 18.0
DH recovery 11.5 12.3 13.1 13.5 13.9 14.7 154
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Table B21: Sensitivity indicators for major economical variables Idun 2c. The subsidy sensitivity starts at the
average support percentage.

Change of input value (%) -50 -30 -10 0 +10 +30 +50
Payback time (years)
CAPEX (Klimatklivet) 4.9 4.6 4.2 4.0 3.8 3.5 3.1
CAPEX (Industriklivet) 5.2 5.0 4.7 4.6 4.5 4.2 4.0
CAPEX (Pilot och demo) 5.5 5.3 5.2 5.1 5.1 4.9 4.8
CAPEX 4x - - - 19.7 - - -
Fuel Costs 6.1 9.7 5.3 5.1 5.0 4.6 44
Electricity Price 5.1 5.1 5.1 5.1 5.1 5.2 5.2
CO2 Price 6.4 5.9 5.4 5.1 4.9 4.5 4.2
Hydrogen Price 7.1 6.2 5.4 5.1 4.8 4.3 3.9
DH recovery 6.1 5.7 5.3 5.1 5.0 4.7 44
Net present value (MSEK)
CAPEX (Klimatklivet) 329.6 348.8 367.9 377.5 387.0 406.2 425.3
CAPEX (Industriklivet) 314.2 327.1 340.1 346.6 353.0 366.0 379.0
CAPEX (Pilot och demo) 300.2 307.6 314.9 318.6 322.3 329.6 337.0
CAPEX 4x - - - -601.3 - - -
Fuel Costs 240.3 271.6 302.9 318.6 334.3 365.6 397.0
Electricity Price 346.1 335.1 324.1 318.6 313.1 302.1 291.1
CO2 Price 208.5 252.5 296.6 318.6 340.6 384.7 428.8
Hydrogen Price 163.1 225.3 287.5 318.6 349.7 411.9 474.1
DH recovery 241.6 272.4 303.2 318.6 334.0 364.8 395.6
Internal rate of return (%)
CAPEX (Klimatklivet) 22.7 24.4 26.3 27.4 28.6 31.2 34.3
CAPEX (Industriklivet) 214 22.5 23.6 24.2 24.8 26.1 27.6
CAPEX (Pilot och demo) 204 20.9 21.5 21.8 221 22.7 23.3
CAPEX 4x - - - -1.9 - - -
Fuel Costs 18.3 19.7 21.1 21.8 22.5 23.9 254
Electricity Price 21.9 219 21.8 21.8 21.7 21.7 21.6
CO2 Price 17.1 19.0 20.8 21.8 22.7 24.6 26.5
Hydrogen Price 154 18.0 20.5 21.8 23.0 25.5 28.1
DH recovery 18.3 19.7 21.1 21.8 22.5 23.9 25.4

1.7.2 Alternative operations Agir 1

7.2.4 A. Fixed operation cost (PPA)
In this configuration, the operational costs are fixed with a PPA. The PPA is a power producer agreement
that is utilized to guarantee a fixed price for a specific time. Operation the Agir 1 platform with the PPA
instead of following the spot market pricing will make the activation constant, as presented in Figure B10. The
introduction of PPA will not have any impact in fuel cell activation since it is connected to the grid, thus impact
on production surplus in comparison to the standard configuration is low.
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Figure B10: Diagram illustrating the effect the price have on electrolyzer activation to the left, and annual
dynamic volumes of hydrogen in the right.
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In Figure B11 the result from oxygen utilization and district heating output is observed. In comparison to the
standard configuration, this scenario can supply district heating 4561 hours of the year and supply 332.6 kg/h
oxygen at all times. The annual production quantity of hydrogen reaches 1.964 GWh with the current
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Figure B11: In the left diagram the excess supply of oxygen utilized for fuel cell activation is presented. The
left diagram indicates the annual district heating capacity.

Including fuel cell operations give the ability of trading support services, it is also assumed that the electrolyzer
can switch to balance down the grid, thus allocating contracted capacity to the spot market. In Table B23
the cash flow balance for the current scenario is presented, during the year 2022 is located in Appendix 1.6.
Sensitivity analysis is presented in Figure B12.
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Figure B12: Sensitivity analysis of Agir 1 with PPA to the left, and normal operation to the right.

7.2.4 B. Fixed operation cost (PPA) without fuel cell

In this scenario, the plant configuration is the same as the 7.2.4 A case and PPA is assigned for fixed operation,
but without a fuel cell. The consumption of hydrogen is then only based on the daily consumption of the fuel
distribution system. Production of hydrogen is then relatively constant and varies only by slight imbalances
of support service activation. Figure B13 presents the current operational status of hydrogen storage. In this
configuration dynamic storage capacity can be reduced up to 10 times less than in the standard scenario.
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Figure B13: Diagram presenting the dynamic storage for the year 2022, without fuel cell and fixed electrolyzer
operation.

Supply of district heating is equal to the case in Figure B11 and the plant reaches an annual production of
32.44 GWh annually with a supply of 439.2 kg/h oxygen to KVV8 continuously at all times. In Figure B14 it
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can be observed that the production rate is not constant to electricity supply, and the cumulative losses from
not utilizing the oxygen can lead to approximate losses of 1 tonne per year.
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Figure B14: Diagram presenting the excess oxygen annually after KVV8 demand saturation, for year 2022.

The resulting impact the configuration has on plant economy is presented in Table B24, and the major cash
flows of the operation are presented. Sensitivity analysis is observed in Figure B15.
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Figure B15: Sensitivity analysis of Agir 1 with PPA and no fuel cell.

7.2.4 C. Oversize of electrolyzer capacity

In order to estimate the impact of fuel cell size in comparison to electrolyzer in economical performance, a
simulation of Agir 1 is made with double the amount of electrolyzer stacks. In Figure B16 it can be observed
that no behavioral difference in periods as in the previous runs, with the only exemption of a larger quantity of
hydrogen in surplus.
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Figure B16: Diagram presenting the annual dynamic storage of hydrogen, during the year 2022.

Production rate reached 27.21 GWh/year, and 15.36 GWh sold hydrogen. The amount of oxygen continuously
feed to KVV8 increases to 0.0726 kg/s from the standard mass flow of 0.0226 kg/s due to the fuel cell’s
proportional consumption. The updated NPV for this configuration is with major cash flows presented in Table
B25. District heating supply and oxygen excess share the same appearance as the standard configuration, and
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will not be shown since the
Figure B17.

only difference is that the supply is doubled. Sensitivity analysis is presented in

Agir 1 Oversize - Sensitivity
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Figure B17: Sensitivity analysis of Oversize operation.

7.2.4 D. Electrolyzer continuous load - Sleep mode

The term sleeping mode is meaning that the electrolyzer is constantly activated at all times with a specific load.
In this scenario the selected load is 20%, meaning that voltage is at constant max output but restrained current
at a 20% of maximum load. This mode is initiated instead if the complete shutdown of the electrolyzer during
hours when spot market prices exceed the threshold. In Figure B18 the activation of this mode is set, including
activation imbalances.
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Figure B18: Annual activation for electrolyzer during sleep mode, for the year 2022.

In Figure B19 the results from utilizing nominal current at lower load instead of complete shutdown, indicate
different behavior in district heating application than the standard configuration.
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Figure B19: In the left diagram the excess supply of oxygen utilized for fuel cell activation is presented. The
left diagram indicates the annual district heating capacity, for the year 2022.

The sub-optimal result from sleeping mode activation indicates a problem stabilizing thermal output up and
down after activation. Oxygen supply results in 120.6 kg/h and follows a similar pattern as standard operation.
The produced and sold hydrogen utilizing sleeping mode accumulates to 16.56 GWh respectively 5.495 GWh.
Compared to other alternatives this configuration is exceeding the standard produced and sold hydrogen, which
is 13.2 GWh respectively 2.23 GWh on an annual basis. In Table B26 the major cash flows for sleep mode
operations is presented. Sensitivity analysis is observed in Figure B20.
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Agir 1 Sleep mode - Sensitivity
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Figure B20: Sensitivity analysis of sleep mode operation.

7.2.4 A*. Fixed operation cost (PPA) with fuel cell, no base GtP.

In this scenario, the plant configuration is the same as the 7.2.4 A case and PPA is assigned for fixed operation,
but without the sale of base power to the grid, meaning that the fuel cell only provides support services. Figure
B21 presents the current operational status of hydrogen storage. In this configuration dynamic storage capacity
can be reduced up to 10 times less than in the standard scenario and, thus the balancing does not affect storage
in any significant matter.
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Figure B21: Diagram presenting the dynamic storage for the year 2022, with fuel cell only accounting for
balancing of the grid and fixed electrolyzer operation.

The supply of district heating and oxygen is the same as the operation including the base sale of power. The
resulting impact the configuration has on plant economy is presented in Table 7.2.4 A but and the basic sale of
power.

1.8 Cash flow data

1.8.1 Diagrams cash flow
Diagrams presenting selected plants.
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Figure B22: Cash flows for the year 2022 and forward, of AEL electrolyzer platform.
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Figure B23: Cash flows for the year 2022 and forward, of AEL electrolyzer platform.
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Figure B24: Cash flows for the year 2022 and forward, of PEM electrolyzer platform
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Figure B25: Cash flows for the year 2022 and forward, of PEM electrolyzer platform.
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Figure B26: Cash flows for the year 2022 and forward, in the case of the integrated gasifier at Hégdalen.
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Figure B27: Cash flows for the year 2022 and forward, in the case of the integrated gasifier at Hogdalen.
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Figure B28: Cash flows for the year 2022 and forward, in the case of the integrated gasifier at Brista.
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Figure B29: Cash flows for the year 2022 and forward, in the case of the integrated gasifier at Brista.
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Figure B30: Cash flows for the year 2022 and forward, in the case of the stand-alone CFB gasifier at Hogdalen.
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Figure B31: Cash flows for the year 2022 and forward, in the case of the stand-alone CFB gasifier at Hogdalen.
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1.8.2 Alternative cash flows

Table B22: For reference, Annual cash flows for base case Agir 1 (AEL). Cost of operation, net fees and
miscellaneous excluded from table.

Parameter Value Unit

Income basic sell of hydrogen 2.4 MSEK
Income support services up FFR 13.2 MSEK
Income support services up mFRR 1.7 MSEK
Income support services up aFRR 27.2 MSEK
Income support services up FCR-D 0.1 MSEK
Income support services down mFRR 1.6 MSEK
Income support services down aFRR, 0.9 MSEK
Income basic sell of power 35.9 MSEK
Income from oxygen supply 0.7 MSEK
Income from district heating 1.2 MSEK
Cost water consumption 13.18 Ksek

Cost electricity consumption 7.6 MSEK

Table B23: Annual cash flows for the case with fixed operation cost and with fuel cell, the year 2022. 7.2.4 A.
Cost of operation, net fees, and miscellaneous are excluded from the table.

Parameter Value Unit

Income basic sell of hydrogen 2.4 MSEK
Income support services up FFR 13.2 MSEK
Income support services up mFRR 1.7 MSEK
Income support services up aFRR 27.2 MSEK
Income support services up FCR-D 0.1 MSEK
Income support services down mFRR 2.5 MSEK
Income support services down aFRR 1.2 MSEK
Income basic sell of power 7.8 MSEK
Income from oxygen supply 2.6 MSEK
Income from district heating 2.9 MSEK
Cost water consumption 46 Ksek

Cost electricity consumption 24.1 MSEK

Table B24: Annual cash flows for the case with fixed operation cost and without fuel cell 7.2.4 B. Cost of
operation, net fees, and miscellaneous are excluded from the table.

Parameter Value Unit

Income basic sell of hydrogen 38.9 MSEK
Income support services down mFRR 2.5 MSEK
Income support services down aFRR 1.2 MSEK
Income from oxygen supply 3.5 MSEK
Income from district heating 2.9 MSEK
Cost water consumption 59 Ksek

Cost electricity consumption 24.06 MSEK
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Table B25: Annual cash flows for the case with double size of electrolyzer compared to standard case 7.2.4 C,
year 2022. Cost of operation, net fees, and miscellaneous are excluded from the table.

Parameter Value Unit

Income basic sell of hydrogen 14.72 MSEK
Income support services up FFR 13.2 MSEK
Income support services up mFRR 1.7 MSEK
Income support services up aFRR 27.2 MSEK
Income support services up FCR-D 0.1 MSEK
Income support services down mFRR 2.85 MSEK
Income support services down aFRR 1.21 MSEK
Income basic sell of power 35.93 MSEK
Income from oxygen supply 2.066 MSEK
Income from district heating 2.325 MSEK
Cost water consumption 37 Ksek

Cost electricity consumption 15.1 MSEK

Table B26: Annual cash flows for case with sleeping mode active 7.2.4 D, year 2022. Cost of operation, net
fees, and miscellaneous are excluded from the table.

Parameter Value Unit

Income basic sell of hydrogen 5 MSEK
Income support services up FFR 13.2 MSEK
Income support services up mFRR 1.7 MSEK
Income support services up aFRR 27.2 MSEK
Income support services up FCR-D 0.1 MSEK
Income support services down mFRR 1.6 MSEK
Income support services down aFRR 0.9 MSEK
Income basic sell of power 35.9 MSEK
Income from oxygen supply 1  MSEK
Income from district heating 1.4 MSEK
Cost water consumption 13.2  Ksek

Cost electricity consumption 16.7 MSEK
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Appendix C

1 Processsimulations: Details

1.1 Constants Theory

Table B1: Fixed bed and Entrained flow gasification rate constants (M et al., 2000).

Index Value Unit

Ei -199  kJ/mol

Fipw -146  kJ/mol

Eige -214  kJ/mol

Eipe -284  kJ/mol

Atfw 2 107 - s~ lbhar—t

Alpw 1.8 106- s tbar—?!

Aife 76 107 - s lbar—!

Aipe 2.1 10'2-s lbar—!

Pellet length 150 mm

dp 50 um

DH,0 0.1 bar,

DH, 0.1 bars

Pco 0.3 bars

PCoO, 0.3 bars

Eeq 3966 kJ/mol

Aeq 26.5 10%- s 'bar—!
Table B2: Fluidized bed gasification rate constants (Solli et al., 2016).

Index Value Unit

Pchar 644.2 kg/m3

dchar 4200 um

Vgas 45 107%-pas

Aco, 3.1 10%- s lbar™!

ECO2 215 kJ/mol

nNCO,y 3.8 107!

Ao 2.6 108 s lbar~!

EHQO 237 kJ/HlOl

N I,0 5.7 1071

A, 26.5 1073%..."lpar!

E, 32.9 -10% kJ/mol

Arwgsr 2.5 10%- s lbar—!

Er'wgsr —138 1073 kJ/mol

XIm‘,m'nsic 0.5 571

Schar 2.5 10* - mm?

T 4 -
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Table B3: Theoretical constant used for the WGS reactor.

Index Value Unit

A 2.96 10°-s ltbar—!
E. 47.4  kJ/mol

Apia 700 s tbar!
Eht,l -111 kJ/mol

Apt o 455.7 1072 . s~ thar—!
deat 5904  kg/m3

0 0.5 -

Nht,1 1 -

Mpy 1 0 -

Dht —-36 -107!

qht,1 -0.9 107!

T ht,2 0.9 -

Mht,2 3.1 107!

Pht,2 —15.6 1072

Qht 2 —-0.5 107!

Table B4: Theoretical constant used for potential AEL(1) , PEM(2), PEMFC(3), calculations (Um et al., 2000).

Index 1 | Value 1 Unit 1 Index 2 | Value 2 | Unit 2 | Index 3 | Value 3 | Unit 3
Teenr 353.2 K Teenr 363.2 K Teenr 343.2 K
Tres 2908 K Tres 318 K Tres 318 K

81 179.5 1073V Load 53.3 % Load 1 -
S 0 V/K DH,O 7 Bar PO, 2.5 Bar
S3 0 V/K PH, 30 Bar PH, 8 Bar
& 1017.1 1073 - m?2/Amp tm 125 uem tm 126 em
& 842.4 102 - m?2/AmpK tee 0.1 cm tee 0.1 cm
&3 247.3 m?2/AmpK? top 0.2 cm top 0.2 cm
71 80.5 1072 - Qm? Ot; 150 s/cm Oti 150 s/cm
T —76.1 1078 Qm?/K Oce 145 s/cm Oce 200 s/cm
r3 66.7 1073 - Qm? - - - ER 1.2 -
im 3 A/m? Tim 1.5 A/m? Ttim 1.5 A/m?
icell 0.4 A/m2 icell 1.5 A/m2 icell 1.4 A/m2
vol, 0.1 10T - em3 Eocta 90 kJ/mol Eocta 90 kJ/mol
vol, 0.1 10 - em3 Egctc 30 kJ/mol Eoct.c 30 kJ/mol
Eo 90 kJ/mol Nfaraday 99 % - - -
Q. 1.7 - Q. 2 - Qe 2 -
oy 2 - oy 2 - g 2 -

Table B5: Theoretical constants, physical AEL(1) , PEM(2), PEMFC(3).

Index 1 | Value 1 | Unit 1 | Index 2 | Value 2 | Unit 2 | Index 3 | Value 3 Unit 3

Ace” 750 Cm2 Acell 1000 C’I”I”L2 Acell 352.2 cm2

Asurf 19.8 m2 Asurf 3 m2 Asurf 1.8 m2

deell 1.8 m Side 0.5 m Side 0.5 m

Lstack 7 m Lstack 1 m Lstack‘ 0.6 m

Ncells 1985 — Ncells 100 — Ncells 299 —

ksteel 45 W/mK kalloy 22.5 W/mK ksheet 25 10-2. W/mK
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Table B6: Overall theoretical constants for PEM, AEL, and PEMFC.

Index Value Unit
MNisen 0 %
Thmech 80 %
Erad 0.6 -

= 14 -

T 20 °C
Vir 1.5 uPas
Vair 0.2 m/s
’L.()ya 1 mA
10,c 75 10'-mA
i07’l‘€f 1 mA

2 Process design

Tables and diagrams related to individual plants are presented in this section. All equipment listed is used in
the mathematical model.

2.1 Component details

Table B7: Pre-treatment of water before entering electrolysis.A. Jonsson and Méassgard, 2021

Equipment Value Unit
Tlpuri fication 90-99 %
Resistivity 17 (mQ)
Type Reverse Osmosis/De-ionization %
Power consumption 1534 Wh/m3
TOC <0.3 10'-ppm
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Table B8: Cleaning stage equipment (Hruska et al., 2020) (Woolcock & Brown., 2013) (Lee et al., 2007).

Equipment Value Unit
Scrubber T,perational 100 °C
Scrubber Poperational >atm Bar
Scrubber retention H2s,HCL,NH3,HCN.Alkali,Tar -
Scrubber Npyrification 99 (50) %
Scrubber type absorber/gravimetric -
Scrubber Material Water -
Mercury control filter Toperational 30-50 °C
Mercury control filter poperational 62 Bar
Mercury control filter retention Hg -
Mercury control filter 1purification 90-95 %
Mercury control filter type bed -
Mercury control filter material Active carbon -
Hydrolysis unit Toperational 176-200 °C
Hydrolysis unit poperational 9,89 Bar
Hydrolysis unit retention COS -
HydrOIYSiS unit Npurification 99 %
Hydrolysis unit type catalyst kW /kg
Hydrolysis unit material Al °C
AGR unit Toperational 40-120 °C
AGR unit poperational 20 Bar
AGR unit retention H2s,HCL(CO2) -
AGR unit Npurification 992(253) %
AGR unit type absorber -
AGR unit material MDEA -

Table B9: Pre-treatment particulate and ash cleaning units, no special conditions required (Morselli et al., 2019)
(Woolcock & Brown., 2013).

Equipment Removal efficiency  Unit
Cyclone >90 %
Ceramic filter >99.5 %
Bag filter <50-60 %

Table B10: WGS reactor catalyst details(II & Barton, 2009) (Baraj et al., 2022).

Parameter Value Unit
WGS catalyst Toperational 177-500 °C
WGS catalyst Poperational 6-20 Bar
WGS catalyst concersion H2/CO -
WGS catalyst max Tjconversion 95-96 %
WGS catalyst material HT'1 FeO -
WGS catalyst material HT2 FeCr -
WGS bed material Si02 -
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Table B11: Separation process CH4 (Sharifiana et al., 2019) (Khanipour et al., 2017).

Parameter Value Unit

Membrane T,perational 250 °C

Membrane poperational 10 Bar

Membrane separation CH.,CO -

Membrane 9purification 93-98 %

Membrane type Asymmetric hollow fiber -

Membrane Material Polymer/zeolite -

Membrane Permiance CO,, CO, Hy, CHy, H20 311.4, 12.8, 971.0, 12.4, 3348.2 10~ %mol/sm2 Pa

Table B12: Separation process CO2 (Ribeiro et al., 2008)

Delprocess Viérde Enhet
PSA Toperational 20 °C
PSA Poperational 7-10 Bar
PSA retention CO2,trace molecules -
PSA Npuri fication 98-99.99 %
PSA type adsorption -
PSA Material AC and 5A Zeolite/silica gel -
PSA Design 5 to 10-bed (alt 3-bed VSA) -

Table B13: Final purification H2(Read comment section below*) (P. Li et al., 2015).

Delprocess Vérde Enhet
Membrane T,perational 35-230 °C
Membrane poperational 30 Bar
Membrane retention H2* -
Membrane 7,y fication 99.99 %
Membrane type hollow fiber/MFI/CMS -
Membrane material Polymer /zeolite/carbon -

2.1.1 Comments on cleaning and purification

Raw syngas leaving the heat recycling system is preconditioned through a rough filtering system and alterna-
tively expanded before entering the cleaning stage, this is specific for low-temperature cleaning processes, which
is the most common method for syngas treatment. Removal of unwanted sulfur, particulates, metals, chlo-
rides, and other molecules is required before being handled in downstream synthesizing equipment for achieving
fuel-grade hydrogen. Today’s commercial moist-fed gasification processes, utilize quenching and scrubbing with
water as the initial cleaning stage for the removal of fine particulates and char. Dry fed gasification system
uses cyclones or ceramic filters before scrubbing. The scrubbing removes particulates, alkali, chloride, ammonia,
char, and H,S during this process. Approximately 10% of sulfur converts to COS in gasification, the rest bind
into HyS structures. The gas is then heated and fed to a hydrolysis unit for removal of COS in the form
of HyS. The rejected water from this process is then conveyed to a water treatment system since the water
containment can be recovered for incineration or disposed of as wastewater. The recovered HsS is then sieved
and utilized and sprayed for preventing sintering in the boiler. All heat from each step due to pressure increase
is recovered for processes that require slight heat procurement, rendering the cleaning systems main penalty
in terms of electricity, for compressors. To note is that, in the model, all compressors are calculated as single
units for modification factors. Mercury and trace elements, after the hydrolysis removed in a sulfide carbon
bed filter, recover most of the heavy metals. The acid gas removal is made, using chemical or physical solvents,
for example, MDEA and Rectisol. The mentioned methods have nexus in terms of work, and is primarily
washed with a lean solvent in the absorption stage to remove all trace of sulfur, then sent to the regenerator
to strip the material flow with low-pressure steam to remove captured sulfur to them be recovered in external
processing(Claus sulfur recovery unit). During this process, CO5 is also removed to a certain degree (NETL,
2023).

Critical values for contaminants reaching the WGS reactor is dependent on catalyst material, in some cases
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catalyst are very durable and can act as a separation unit, thus utilizing excess sulfur to increase the reaction
rate, together with rejection of char and heavy particulates. In the case mentioned, hydrolysis equipment is not
required.

After the WGS section, the syngas that now are mainly compromised of Hy, COs, HoO and CH4. The gas
enters the 1st separation stage, which dries the gas, in addition to recovering the unused carbon monoxide
and methane for flaring. This recovery is not only made to purify the syngas but also secure total heat bal-
ance internally, for heating input water, into steam if necessary. Before the methane separation, the syngas is
flashed or condensed to remove any steam used during the water gas shift and recover both heat and water
for streams entering the WGS reactor. Due to the significant size difference of the molecules CO2, H2 and
CO,CH,, membrane technology is the most efficient separation method in this case but can be exchanged to
PSA with the drawback of longer separation time and more use of power. Membrane performance is measured
by the permeability of each molecule as molecules can have varying difficulty to penetrate the material, and
obtaining equal or close to equal permeability between molecules renders poor separation. Syngas transported
to the next stage is separated by PSA at low-to-medium pressure, to separate COs with leftover trace elements
and purified hydrogen in separate streams generating at least a recovery of 70-90%. Note that reject streams
can be recycled and processed in iterations. When adjusting activated carbon length and increase of layered
zeolite, the purification decrease and recovery rate increase, thus it can be beneficial to have lower purity and
introduction off membrane for reaching higher fuel to hydrogen efficiency.

A membrane is often a cylinder filled with hollow tubes that have selectivity directly controlled by the tem-
perature or pressure of inlet gas. These hydrogen purification processes are relatively simple in relation to
conventional PSA but have other drawbacks depending on the type of membrane utilized. In this model, a CO4
selective membrane is utilized since a Hj selective membrane only reaches 95% purity at 30 bar(selectivity 11.8).
while a CO4 selective membrane can achieve 99.99% purity (selectivity 9.2) and Hy selective membrane requires
a selectivity of 368. The membrane is not bound to this type and is thus only recommended, since there are
options that are dependent more on temperature change, rendering lower pressure requirements to reach similar
purity. The change of membrane will however not change plant performance substantially if approximately the
same inlet conditions are applicable for such installation (P. Li et al., 2015).

Overall the assumption is made that biomass and MSW as fuel require the same cleaning systems with only a
reduction of recovery rate from syngas from gasification in cases when MSW is used as the primary fuel.

Contaminants in fuel can damage the fuel cell and are expected to be kept to a minimum during the hy-
drogen conversion of solid fuels. In Table B14 the requirements are shown for two universal standards for
hydrogen fuel. In cases when the amount of contaminant is filled with (-), means that there is no actual limit,
thus the content allowed is agreed upon with the customer.

Table B14: Requirements for impurity in hydrogen for utilization in fuel cells (Du et al., 2021)

Substance ISO 14687:2019 SAE J2719-202003 | GB/T 3634.2-2011 | Unit
H2 purity 99.97 99.99 %
Non-Hydrogen gases 300 100 ppm
H20 ) 10 ppm
Non-methane HC 2 - ppm
Methane 100 10 ppm
02 5 5 ppm
He 300 - ppm
N2 300 60 ppm
Ar 300 - ppm
CO2 2 5 ppm
CO 0.2 5 ppm
H2S 0.004 - ppm
HCHO 0.2 - ppm
HCOOH 0.2 - ppm
NH3 0.1 - ppm
Halides 0.05 - ppm
Conc. particulate matter 1 - mg/kg
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Notable effects on cell is that the CO and C'Oy can damage the cell, in the form of catalyst poisoning. Halides




also damage the catalyst by the dissolution of the active material.

Inert gases of nitrogen, argon, oxygen,

and sulfides reduce the cell performance and do not actively destroy the material to the same extent as other

contaminants.

2.2 Integrated gasifier

The global parameters set for all process models are set in Table B15. Critical steam fraction is 88% for steam

cycles related to stand-alone gasifiers.

Table B15: Global parameters set in all process models related to gasification.

Parameter value Unit
Compressors: 7, 1.39 %
Compressors: Electrical efficiency 9% %
Cleaning Equipment: Electrical efficiency 9 %
ST: Isentropic efficiency 89 %
ST: Generator efficiency 9% %
Water pumps: Isentropic efficiency 8 %
Water pumps: Electrical efficiency 95 %
Critical steam fraction 82-88 %
Fuel Boiler: Combustion efficiency 29 %
Methane B36: Combustion Efficiency 95.2 %
Boiler: Pressure loss 1 %
Boiler: Radiation -, 1.33 %
Fans: Isentropic efficiency 8% %
Fans: Electrical efficiency 9% %
Dryer: Efficiency 9% %
Gasifier: Insulation efficiency 99.67 %
Ambient: Temperature 15 °C

Results from simulations with parameters set from Table B18, B22 and B27 generate variable D H condenser :

Temperature equal to 109.2°C.

2.2.1 Idun 1a Hégdalen
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Figure B1l: Process model flow of Idun la integrated gasifier with the subsystem.

The physical flows of selected nodes in the plant are presented in Table B16. Note that some equipment is
displaced to the actual application due to simplicity, and is allocated so in order not to affect the total energy

balance of the plant.
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Table B16: Detail simulation flow results from unique streams, excluding contaminant content(S/HyS/HCN

etc.).

‘ Material flow

composition [02 N2 H2 CO CO2 H20 CH4] % vol | T (K) | p (bar) | m (kg/s) |

S9
S28
S33
B22
S42
S46
S53
S56
S60
S59

0 5.8358 5.3865 10.1030 2.1056 74.4458 2.1234 993 1.02 16.6
0 20.3476 18.7810 35.2263 7.3417 10.9000 7.4035 373 2 5.5287
0 1.2641 23.1023 43.7692 9.1221 13.5434 9.1990 447.3234 2 4.1865

0 0.3091 5.6488 10.7021 2.2305 78.8602 2.2493 623.7 15.4358 15.27
0 0.9180 43.0590 4.6836 33.8264 11.5013 6.0117 723 10 5.6634

000 36.3544 0 0 63.6456 350.7 13.4358 0.5031

0 1.1304 55.5692 0.0846 43.0678 0 0.1481 621.4 13.4358 4.5634
0 1.9571 96.2095 0.1464 1.4913 0 0.1957 571.4 13.4350 0.4148
0010099900 248.15 15 4.148
001000000 333 30.6886 0.2501

Table B17 presents the settings for the sub-processes. In regards to HEX, the primary exchanger for heat
transfer to the steam cycle is presented. Note that, in the calculation, no computation is performed with regard
to the number of tubes in the heat exchanger, instead it is calculated as a composite surface with the name
Tube area and effective value depending on type.

Table B17: Miscellaneous optimization parameters.

Parameter value  Unit
Primary HEX: HEX type Parallel-flow -
Primary HEX: Tube area 10 m?
Primary HEX: Overall heat transfer coefficient (U) 6 kW/m2K
Dryer: Temperature 0 °C
Dryer: Mass flow air 0 kg/s
Moisture content after drying 25 %
Methane B36: Mass flow air 14 kg/s

Table B18: Set parameters for steam cycle and general assumptions for the boiler.

Parameter value Unit
BDR 1 %
Pressure loss(Condenser-ST) 4 %
Number of ST 1 -
Overpressure feed pump 5 %
Deaerator: Pressure 9 bar
DH condenser: Pressure 1,4 Dar
CW Condenser: Pressure 0,4 Dbar
Make up water: Temperature 200 °C
Make up water: Pressure 4 bar
Steam cycle Gasifier: Mass flow 42 kg/s
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Table B19: Set parameters for the gasifier.

Parameter value Unit
Gasifier: Temperature 800 °C
Gasifier: Pressure 1,02  bar
Gasifier; Temperature drop 80 °C
Methane yield 764 %
Aer* 0.05 -
SB 0,8 -
Steam: Temperature 400 °C
Steam: Pressure 19  bar
O5: Temperature - °C
Os: Pressure - bar

In Table B19, the Agr™* stands for the assumed air slip from the boiler, conveyed with the bed material re-
circulation.

2.2.2 Idun 1b Brista
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Figure B2: Process model flow of Idun 1b integrated gasifier with the subsystem.

Table B20: Detail simulation flow results from unique streams, excluding contaminant content(S/HS/HCN
etc.).

| Material flow | composition [02 N2 H2 CO CO2 H20 CH4] % vol | T (K) | p (bar) | i (kg/s) |

S9 0 7.6158 3.9335 5.0959 2.7509 78.4689 2.1351 993 1.02 8.2576
S28 0 31.5158 16.2775 21.0878 11.3837 10.9000 8.8353 373 1.1 2.4227
S32 0 2.2703 22.5135 30.3819 16.4009 15.7040 12.7294 447.4531 2 1.5548
B22 0 0.3869 3.8363 5.1771 2.7947 85.6358 2.1691 710.2590 18 7.8377
S42 0 2.0264 45.9914 1.2211 40.5355 0 10.2256 704.959 15.9 1.7154
S46 000 10.6676 0 0 89.3324 704.959 13.9 0.1515
S53 0 2.2824 51.8025 0.0275 45.6572 0 0.2304 704.9 15 1.5591
S56 0 4.1308 93.7537 0.0498 1.6526 0 0.4131 654.9590 13 0.1522
S60 0010099900 248.15 15 1.4069
S59 001000000 333 30.7017 0.0746
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Table B21: Miscellaneous optimization parameters.

Parameter value Unit
Primary HEX: HEX type Parallel-flow -
Primary HEX: Tube area 12 m?
Primary HEX: Overall heat transfer coefficient (U) 6 kW/m?K
Dryer: Temperature 81 °C
Moisture content after drying 30 %
Dryer; Efficiency 99 %
Dryer; Mass flow air 11 kg/s
Methane B36: Mass flow air 6 kg/s
Table B22: Set parameters for steam cycle and general assumptions for the boiler.
Parameter value Unit
BDR 1 %
Pressure loss(Condenser-ST) 3 %
Number of ST 2 -
Overpressure feed pump 5 %
Deaerator: Pressure 9 bar
DH condenser: Pressure 1,4 bar
CW Condenser: Pressure 0,4 Dbar
Make up water: Temperature 400 °C
Make up water: Pressure 4 bar
Steam cycle Gasifier: Mass flow 1,5 kg/s

Results from simulation with parameters set from Table B22, generate variable D H condenser : Temperature

equal to 109°C.

Table B23: Set parameters for the gasifier.

Parameter value Unit
Gasifier: Temperature 800 °C
Gasifier: Pressure 1,02  bar
Gasifier; Temperature drop 80 °C
Methane yield 7,639 %
Aer™ 0.05 -
SB 1,64 -
Steam: Temperature 300 °C
Steam: Pressure 19 bar
O5: Temperature - °C
Os: Pressure - Dbar

In Table B23, the Agr™* stands for the assumed air slip from the boiler, conveyed with the bed material re-

circulation.

112



2.3 Stand-alone gasifier

Table B24: Set parameters for the ASU. A booster compressor is only applied in pressurized reactors.

Parameter value Unit
Compressor: Isentropic efficiency 76,9 %
Compressor: Electrical efficiency 9%5 %
Main air Compression: Pressure 4,8 Dbar
Compression: Temperature 40 °C
Booster compressor: Pressure 19 bar
Expansion: Temperature —185,0 °C

2.3.1 Idun 2a
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Figure B3: Process model flow of Idun 2a stand-alone gasifier with the subsystem.

Table B25: Detail simulation flow results from unique streams, excluding contaminant content(S/HyS/HCN
etc.).

| Material flow | composition [02 N2 H2 CO CO2 H20 CH4] % vol | T (K) | p (bar) | m (kg/s) |

S9 0 9.3208 22.0031 9.6097 26.3038 28.9034 3.8591 1040 19.2 5.1914
S28 0 9.3208 22.0031 9.6097 26.3038 28.9034 3.8591 323 2.19 5.1914
S32 0 0.5126 23.9571 10.5688 28.9291 31.7881 4.2443 322.9762 18.19 4.6339
B22 0 0.3785 17.6920 7.8049 21.3637 49.6266 3.1344 638.8391 18.19 5.9339
S42 0 0.6588 43.6681 0.7055 50.0582 0 4.9094 636.539 16.0 3.83

S46 000 12.5647 0 0 87.4353 620.1391 13.8 0.1488
S53 0 0.6971 46.2109 0.0149 52.9731 0 0.1039 635.1391 14 3.6764
S56 0 1.4507 96.1683 0.0311 2.2048 0 0.1451 585.1391 12 0.2418
S60 0010099900 248.15 15 3.43

S59 001000000 333 30.01 0.14

113



Table B26: Miscellaneous optimization parameters.

Parameter value  Unit
Primary HEX: HEX type Counter-flow -
Primary HEX: Tube area - m?
Primary HEX: Overall heat transfer coefficient (U') - w/m?K
Dryer: Temperature 80,1 °C
Moisture content after drying 20 %
Dryer: Efficiency 29 %
Dryer: Mass flow air 14,2 kg/s
Methane B36: Mass flow air 11 kg/s
Table B27: Set parameters for the steam cycle.
Parameter value  Unit
BDR 0,2 %
Pressure loss(Condenser-ST) 1 %
Number of ST 1 -
Overpressure feed pump 5 %
Deaerator: Pressure 4  bar
DH condenser: Pressure 1,4 bar
Table B28: Set parameters for the gasifier.
Parameter value  Unit
Gasifier: Temperature 847 °C
Gasifier: Pressure 19,2 Dbar
Gasifier; Temperature drop 80 °C
Methane yield 764 %
AER 0,28 -
SB 0,59 -
Steam: Temperature >272 °C
Steam: Pressure 15 bar
O: Temperature >100 °C
Os: Pressure 19,2 bar

2.3.2 Idun 2b

Figure B4: Process model flow of Idun 2b stand-alone gasifier with the subsystem.
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Table B29:

Detail

simulation flow results from unique

content(NO,/S/H2S/HCN etc.).

streams,

excluding

contaminant

| Material flow | composition [02 N2 H2 CO CO2 H20 CH4] % vol | T (K) | p (bar) | m (kg/s) |

S81
S84
S67,935
B22
S42
S46
S53
S56
S60
S59

0 1.3539 23.8902 42.9095 12.1515 17.2920 2.4029
0 1.6370 28.8850 51.8807 14.6920 0 2.9053
000001000
0 0.8723 14.7761 27.6454 7.8288 47.3293 1.5481
0 1.2273 46.6835 13.0022 36.9089 0 2.1782
000 85.6513 0 0 14.3487
0 1.4824 53.5690 0.3141 44.5818 0 0.0526
0 2.6326 95.1336 0.5578 1.5835 0 0.0925
0010099900
001000000

1423.15
328.15
743.9594
729.1953
726.3453
711.4953
721.4950
671.4953
248.15
333

19.19
2.0
78.7068
12.1
10.1
8.099
12
9.9
15
30.0

4.0879
3.5019
2.3672
5.6941
4.2473
0.7484
3.4661
0.3165
3.1496
0.1679

Table B30: Miscellaneous optimization parameters. Secondary HEX is the equipment for steam heating to the

WGS reactor.

Parameter value Unit
Secondary HEX: HEX type Counter-flow -
Primary HEX: Tube area 30 m?
Primary HEX: Overall heat transfer coeflicient (U) 200 W/m?K
Dryer: Temperature 105 °C
Moisture content after drying 6 %
Dryer; Efficiency 9%5 %
Dryer; Mass flow air - kg/s
Methane B36: Mass flow air 19,7 kg/s
Table B31: Set parameters for the gasifier.
Parameter value Unit
Gasifier: Temperature 1200 °C
Gasifier: Pressure 19 bar
Temperature drop 50 °C
Methane yield 56 %
AER 0.38 -
SB 0 -
Steam: Temperature - °C
Steam: Pressure - bar
Oy: Temperature 40 °C
Os: Pressure 2  bar
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2.3.3 Idun 2c

572

Figure B5: Process model flow of Idun 2c¢ stand-alone gasifier with the subsystem. Anomaly in B27 in this
process, as the heat from syngas is recovered for district heating application.

Table B32: Detail simulation flow results from unique streams, excluding contaminant content(S/H2S/HCN
etc.).

| Material flow | composition [02 N2 H2 CO CO2 H20 CH4] % vol | T (K) | p (bar) | i (kg/s) |

S81 0 1.0870 38.1339 30.3554 13.8141 13.5742 3.0355 923.1500 1.02 0.7331
S22 0 1.2577 44.1232 35.1230 15.9838 0 3.5123 318.15 1.02 0.6367
B22 0 0.5384 18.7010 15.0367 6.8429 57.3772 1.5037 721.3050 16.11 1.4016
S42 0 1.0879 51.6659 16.5013 27.7067 0 3.0382 718.30 15.91 0.7058
S46 000 84.4511 0 0 15.5489 703.305 15.71 0.1837
S53 0 1.3900 62.7110 0.4217 35.3998 0 0.0776 0 0.0889 703.4550 15.71 0.5144
S56 0 2.1284 96.0242 0.6457 1.0841 0 0.1177 553.4162 15.61 0.0587
S59 001000000 333 30.0 0.0353

Table B33: Miscellaneous optimization parameters.

Parameter value Unit
Secondary HEX: HEX type Counter-flow -
Secondary HEX: Tube area 4 m?
Secondary HEX: Overall heat transfer coeflicient (U) 200 W/m?K
Dryer: Temperature 105 °C
Moisture content after drying 6 %
Dryer; Efficiency 9% %
Dryer; Mass flow air - kg/s
Methane B23: Mass flow air 5 kg/s
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Table B34: Set parameters for the gasifier.

Parameter value Unit
Gasifier: Temperature 750 °C
Gasifier: Pressure 1,01 Dbar
Temperature drop - °C
Methane yield 10 %
AER 0.25 -
SB 0 -
Steam: Temperature - °C
Steam: Pressure - bar
O5: Temperature 41 °C
Os: Pressure 2  Dbar

2.3.4 Agir 1 (Electrolysis stack)

Parameters that are connected to global equipment such as a compressor or feed water pumps are the same as

for steam cycles, and will thus not be presented in the following tables.
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Figure B6: Schematic over the setup for AEL electrolyzer in Agir 1.

Table B35: Detail simulation flow results from unique streams in AEL electrolyzer, excluding contaminant from
lye and. (*) Indicate the accumulated temperature of gas if not cooled sequentially.

| Material flow | composition [02 N2 H2 H20] % vol | T (K) | p (bar) | m (kg/s) |

S1 000 100 355.4542 1.4 0.0306
S18 000100 353.15 1.2 12.5
S19 000100 333.15 4.0 3.5
S20 000 100 349.1471 1.0 12.5
S21 000100 348.5870 4 3.5
S13* 001000 1131.5 30.0 0.0062
B11 100000 918.4982 20.0 0.0244
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Table B36: Set parameters for process concerning Agir 1 (AEL).

Parameter value Unit
Cooling circuit: Temperature A max 6 °C
Cooling circuit: Mass flow 12.5  kg/s
Cooling circuit: Pressure 1.2 bar
Feed pressure: Pressure 1.4 Dbar
DH HEX: HEX Type Counter-flow -
DH HEX: Tube-Area 151 m?
DH HEX: Overall heat transfer coefficient (U) 1400 W/m?K
DH Return water: Temperature 60 °C
DH Return water: Mass flow 3.5 kg/s
DH Return water: Pressure 4  bar
KOH fraction 35 %
Separation tank: Pressure drop 0.2 Dbar

Results from simulation with parameters set from Table B36, generate variable DH : Temperatureout equal to

74.2°C.
Table B37: Set parameters for process concerning Agir 1 (PEM).

Parameter value Unit
Cooling circuit: Temperature A max 10 °C
Cooling circuit: Mass flow 2.7 kg/s
Cooling circuit: Pressure 1.2 bar
Feed pump pressure: Pressure 7 Dbar
DH HEX: HEX Type Counter-flow -
DH HEX: Tube-Area 3 m?
DH HEX:Overall heat transfer coefficient (U) 1000 W/m?K
DH Return water: Temperature 60 °C
DH Return water: Mass flow 0.5 kg/s
DH Return water: Pressure 4  Dbar
Separation tank: Pressure drop 0.3 bar

Results from simulation with parameters set from Table B37, generate variable DH : Temperatureout equal to

81.9°C.

Appendix D

1 Oxygens impact on CCS

In this calculation, assumptions are made around the KVVS8 boiler and carbon capture facility. An estimation
from the boiler manufacturer is setting the initial boundary condition for the oxygen enrichment of inlet air to

not exceed 43% of oxygen content before the boiler requires major modifications.

Table D1: Average composition of fuel to KVV8

Element wt | C| H O N | Ash

LHV

Volume fraction (%) | 47 | 51 | 5.8 | 382 0,9 | 4.1

204
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Table D2: Operational presets for steam cycle and turbine

Parameter value Unit
BDR 1 %
Pressure loss SH-ST 1 %
Overpressure from pressure pump 16,5 %
ST: Isentropic efficiency 87 %
ST: Generator efficiency 9% %
Deaerator; Pressure 4 bar
DH condenser: Pressure 2  Dbar
CW condenser: Pressure 1.85 Dbar
Critical steam fraction 8 %
Water pump: Isentropic efficiency 8 %
Water pump: Mechanical efficiency 95 %
Make up water: Pressure 90 Dbar
Make up water: Temperature 560 °C
Steam: Mass flow 143 kg/s
Steam: Pressure 150,3 bar
Steam: Temperature 560 °C
Table D3: Operational presets for P8 subsystem.
Parameter value Unit
Combustion chamber: Pressure 1,01 Dbar
Combustion efficiency 995 %
FGR: Temperature 200 °C
Stack exit: Temperature 36 °C
Radiation loss of boiler heat accumulation 2 %
Table D4: Operation results of plant simulation.

Parameter value Unit
Combustion temperature 900,1 °C
SC heat 384,3 MW
DH condenser: Temperature 120,2 °C
Net electricity output 111,3 MW
Input fuel 3994 MW
Efficiency system 9% %
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Figure D1: Oxygen injection effect on flue gas conditions.
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Oxygen - Fluegas control connection
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Figure D2: Flue gas content and composite curve of oxyfuel adaptation to KVV8. Points indicate the evaporator,
economizer, and superheater.

1.1 Comments on Oxygen enhanced combustion

As anticipated, results show that due to increased oxygen content, flue gas recycling is required to increase
to cool and keep the same temperature in combustion considering the lower mass of flue gas. However, if the
mass flow of flue gas generated is lower, approximately the amount of heat is recovered downstream due to
the updated capacity and temperature of flue gas, which only deviate around 2% respectively 1.8% on average.
It is notable that the effect of dry and wet recycling have different performances and affect both combustion
performance and pollutant levels. The simulation shows that even during peak recycling, the recycling fan does
not need to be upgraded to handle the increased volume. Benefits from oxyfuel, except for the lowering of mass
in flue gas, in combustion is the increased fuel efficiency, lower fan power requirement, and bypassing drying for
high moisture fuel (eg. Bark).

From Figure D1 it can be concluded that a significant increase of COy and H>0 in the flue gas can have a
positive impact on the following CCS processing plant. It is also concluded that flue gas condensation energy
will not decrease from the loss of mass, and rather increase because of the specific heat capacity in the oxyfuel
flue gas, in addition to the slightly higher temperature. It should be considered that the recycled flue gas should
have at least 2.8-7 % of oxygen content, to not extinguish the incineration through the combustion chamber,
though this number is most likely not relevant when the oxygen content of inlet air is enhanced. In all sim-
ulations, the control oxygen level over the heater package is accounted for, as excess oxygen content is not to
exceed 3%.

From increasing oxygen levels in the inlet air to combustion, literature (Lupion et al., 2013),(Khavidak et
al., 2015) showcase that NO,, metals, and most other contaminants decrease in content. The only defined
negative effect is the higher concentration of sulfur dioxide, some amount of chloride, and proportionally small
amounts of mercury. This could be the because of the increased fuel combustion efficiency since the material is
more likely to completely combust during oxygen-rich conditions and gasification of inert material.

The fix for the increased levels of SO, is to ad 10-20 % of limestone to the combustion zone relative to sulfur
content, this will decrease SO, below the initial contaminant level during non-oxyfuel combustion, another pos-
sibility is that the increased levels of chlorides will bind to the increased levels of sulfur and therefore decrease
limestone demand, alkali chlorides effect on corrosion of the superheaters can also be counteracted with sulfur
addition of at least 2-4 mg/MJ heat of fuel. Regarding mercury, the issue could be reduced with increased
oxygen control levels in flue gas and slightly higher temperature in downstream operation, due to mercury
dissolving in high-temperature process stream. This fix is not certain and further research should investigate
the actual effects before implementation (Heden & Saleh., 2021), since a carbon filter may be required to adapt
to a new level of contaminant (Stanger et al., 2015).

With values from the literature, inserted in the separate economical models, the price of oxygen per kilo-
gram can be calculated. This value is highly dependent on operational cost( 80% of total expenses). The price
of oxygen through ASU can be estimated in different cost levels regarding electricity as; 1.44 SEK/kg for the
highest (2200 SEK/MWh), 0.84 SEK/kg for mid(1226 SEK/MWh) and lowest 0.66 SEK/kg(900 SEK/MWHh).
With the price of increased combustion efficiency, which is executed by a previous study (Lindborg, 2023), the
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value of oxygen increases to 1.5, 0.9, and 0.72 SEK/kg, which is the final sum of investment and operational
saving by utilizing oxygen from electrolysis (Cau et al., 2018) (Cormos, 2016) (Hanak et al., 2017) (Vu et al.,
2020) (Lopez et al., 2016) (Pettinau et al., 2017) (Bouillon et al., 2009) (Hu et al., 2013) (Hamadeh et al., 2020)
(Heden & Saleh., 2021)

Appendix E

1 Strategic analysis

1.0.1 Reliability data

Table E1: Reliability only Agir 1 depending on historical data.

Year | Threshold price (SEK) | Availability DH % | Availability Ho %
2019 500 25.1 43
2020 250 44.5 42.4
2021 560 49.1 394
2022 850 46.4 41.9

Table E2: Reliability for mature technology production. (Idun la is shortened to I1a and Agir 1 is Al etc. (*)

Indicates if the plant is operating on 90% of maximum output.)

State | Operation | Off | Probability DH ¢ (%) | Probability Hs ¢ (%)
1 I2a,A1 None 45 23.86
2 I2a* A1 None 0 16.79
3 I2a Al 52.09 33.05
4 I2a* Al 0 23.27
5 Al I2a 1.27 1.35
6 None Al]I2a 1.56 1.73
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Table E3: Reliability for all technologies Hydrogen production.

State Operation Off Probability DH ¢ (%) | Probability Hy ¢ (%)
1 Ila,I1bI2a,A1 None 44.17 11.41
2 I1a,I1b,I2a A1l 51.13 15.80
3 I1a,12a,A1 I1b 0.38 10.19
4 I1a,I2a I1b,A1 4.4 14.12
5 I1a,I1b,A1 I2a 13.2 6.1
6 I1a,I1b 12a,A1 1.53 8.4
7 I1a,Al 12a.I1b 0.01 0.54
8 Ila 12a,11b,A1 0.01 0.75
9 I2a,I1b,A1 Ila 4.21 1.19
10 I1b,I12a Al]Tla 4.88 1.65
11 12a,A1 I1a,I1b 0.04 6.54
12 I2a I1a,I1b,A1 1.48 1.48
13 I1b,A1 I1a,12a 0.06 0.06
14 I1b AlIla,12a 0.13 1.48
15 A1l I1a,I1b,I2a 0 0.06
16 None Al,I1a,I1b,12a 0 0.08
17 | Ila,I1b,I2a* A1 None 0 8.03
18 I1a,I1b I2a* A1l 0 11.12
19 I1a,I2a* A1 I1b 0 7.17
20 I1a,I2a* I1b,A1 0 9.94
21 12a* I1b,A1 Ila 0 0.084
22 I1b,12a* Al]la 0 1.16
23 12a* A1 I1a,I1b 0 6.54
24 I2a* I1a,Ilb,Al 0 1.04

1.0.2 Benchmark sensitivity diagrams
Sensitivity analysis and benchmark of the different operations are presented in Figure E1 and E2.
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Figure E1: Sensitivity analysis of operations mode related to Agir 1, presenting the Alternative Operation
Benchmark for income variables in the left, respectively subsidies to the right.
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Figure E2: Sensitivity analysis of the gasifier plants, presenting the Benchmark for income variables in the left,
respectively subsidies to the right.
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